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L Introduction 

A . ELECTRODIALYSIS AS A U N I T OPERATION 

Electrodialysis is a unit operation in which the partial separation of 
the components of an Ionic solution is induced by an electric current. 
This separation is accomplished by placing across the path of current 
flow one or more sheets of a material in which the transport numbers of 
the ions differ from the values that prevail in the bulk solution on either 
side of the sheet. 

Electrodialysis may be classed along with solvent extraction and 
reverse osmosis (hyperfiltration) as a * 'selective transport" method. In 
these separation schemes, salt or solvent is transported away from the 
feed solution through some physical barrier, with no change in state of 
any component in the system. Processes such as distillation and freezing, 
on the other hand, depend on a change of state in the solvent to achieve 
the desired separation. 

B. ATTRACTIVENESS OF SELECTIVE TRANSPORT METHODS 
(WITH SPECIAL EMPHASIS ON ELECTRODIALYSIS) 

The methods of separation that rely on a change of state inherently 
involve a high rate of energy circulation in the system, because initiation 
of the unit operation involves supplying the heat of fusion or vaporization 
of the solvent. In general, this energy is many times larger than the 
energy theoretically needed to separate the salt from the solvent, and 
the energy required for vaporization or fusion must be recovered and 
reused to make such processes practical. The losses and inefficiencies 
in any system tend to be proportional to the energy circulation;^ and, to 
a first approximation at least, the energy needed to operate a distillation 
system will be a definite fraction of the heat of vaporization of the solvent 
and independent of the amount of solute present. Our ability to design 
sea-water distillation plants that consume only about 1 0 times the 
theoretically required amount of energy for separation is a credit to 
modern tt .hnology and the ingenuity of design engineers. 

Processes that are based on selective transport deal in a much more 
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direct manner with the theoretical minimum energy required to produce 
a desalted and concentrated stream from a saline feed water. The energy 
losses in such systems arise primarily as a result of the desire to maintain 
practical production rates; this necessitates the use of substantial driving 
forces instead of infinitesimal forces, which would cause the processes 
to take place slowly and reversibly. The basis for deciding the degree to 
which we shall force a given process to obtain high production rates is 
of course economic; however, in most well-designed electrodialysis 
systems, the actual energy used at practical production rates is 10 to 
20 times the amount theoretically required. The theoretical requirement 
decreases as the salinity of the feed water decreases, and while the 
salinity does not affect the practical energy requirements for processes 
such as distillation which depend on a change of state of the solvent, 
it does make a great deal of difference to selective transport processes 
such as electrodialysis. 

The net result of these considerations can best be seen by examining 
Fig. 6.1, which compares the energies actually required for the two 
processes with the theoretical requirements at various salinities and 
fixed blowdown and product specifications. Figure 6.1 is based on an 
equation derived by Spiegler ( 1956) : 

^ = 5.21 χ ^ ( ^ - - ^ - ) , (6.1) 

where U is in units of kilowatt-hours per 1000 gallons of product, AN is 
concentration difference between feed and product, Ν is concentration 
in equivalents per liter, β = Nf/Nc, α = Nf/Np , and the subscripts /, pf 

and c identify feed, product, and concentrate, respectively. 
Although the same result has been given by Wegelin (1953) and 

rederived by Wilson (1960) in terms of the details of the electrodialysis 
process, Spiegler's derivation is based on quite general thermodynamic 
arguments, and the resulting equation is independent of the details of 
the actual separation process. It is clear from the figure that electrodialysis 
requires less energy than distillation when the feed-water salinity is 
below about 0.2 Μ (11 ,000 ppm NaCl), and that in terms of energy 
consumption, distillation at present has the advantage when dealing with 
sea water. It seems probable that further improvements in electrodialysis 
technology may make the process effectively competitive with distillation. 

C. FUNDAMENTAL PRINCIPLE OF ELECTRODIALYSIS 

Several systems that utilize the electrodialysis principle have been 
proposed for use in desalting water. All these schemes ultimately depend 
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2,000 4,000 10,000 20,000 40,000 
FEED PPM 

F I G . 6 .1 . Comparison of energy costs for distillation and electrodialysis of salt 
water. Basis: Average equivalent weight of salt = 6 0 ; b lowdown concentration β = two 
times feed concentration; distillation to produce pure water ; and electrodialysis to produce 
0.005-iV (300-ppm) product. (A) Theoretical energy for electrodialysis; (B) theoretical 
energy for distillation; (C) estimated actual energy for electrodialysis; and (D) estimated 
actual energy for distillation. 

on the existence of a selective ion-permeable membrane placed in the 
salt solution in such a manner that a current flowing in the solution must 
pass through the membrane. If the transport number of any species 
present has a different value in the membrane than it does in the solution, 
passage of an electric current through the system will cause the formation 
of a more concentrated layer on one side of the membrane and a diluted 
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layer on the opposite side. Consider, for example, the system illustrated 
schematically in Fig. 6.2. Imagine that a flow of positive electricity from 
left to right has been established through a sodium chloride solution and 
that a membrane C, which has the property τ + ~ 1 ^> f _ ~ 0, has been 
placed perpendicular to the direction of current flow. In the bulk solution 

F I G . 6 .2 . Ion transport across a permselective membrane, showing current i and 
transport number τ . 

on either side of the membrane, τ + ~ 0.4 and τ_ ~ 0.6. On the left 
side of C the electric current carries sodium ions to the membrane at a 
rate given by T+I/J*", and these ions disappear across the membrane at 
the rate f + i j ^ . At the same time, chloride ions are transferred from the 
vicinity of the interface to the main body of the solution on the left at 
the rate TjijlF and are not replenished by transport through the mem
brane. In the absence of diffusion, the net result of the passage of 1 faraday 
of positive electricity from left to right is the removal of f + — T + = 0.6 
mole of salt from the solution immediately adjacent to the left-hand face 
of the membrane and the appearance of a like quantity (τ_ — τ_ = 0.6) 
in the solution adjacent to the right-hand face. The relationship 
τ + + τ_. = 1, ( τ + + τ_ = 1) guarantees that electroneutrality will be 
preserved. 

Of course, diffusion tends to eliminate the concentration gradients 
that are induced by the flow of electricity, but the net result of the flow 
of electricity is a decrease in the salinity in a layer on the left side of the 
membrane and an increase in the salinity on the right. This is the basic 
operating principle involved in all electrodialysis processes. 

D . M A J O R ELECTRODIALYSIS PROCESSES 

1. Conventional Electrodialysis 

In practical electrodialysis systems, many selective membranes are 
placed in the path of the electric current. Three general types of arrange
ment are possible. The most common scheme, conventional electro-

No CL 
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dialysis, was described by Meyer and Strauss (1940), and its commer
cialization was pioneered by Juda et al. (1953) . As is illustrated in Fig. 6.3, 
conventional electrodialysis utilizes both cation-permeable and anion-
permeable membranes, arranged in an alternating pattern. The series of 
cells thus defined become alternately diluting and concentrating com
partments when a direct electric current is passed through the system. 

c 

< 
ELECTRODE 
REACTION 4 Ι 
PRODUCTS I

 A 

(02,etc.) Ι I 

τ t τ: ί t τ ί 
F I G . 6.3. Conventional electrodialysis. A , anion-permeable membrane ; C, cation-

permeable membrane ; f, feed; p. product ; c, concentrate. 

Although the feed, product (dilute), and waste (concentrate) streams are 
shown in parallel connection in Fig. 6.3, a great variety of manifolding 
arrangements are in fact possible. In the usual arrangement, very thin 
compartments, 0.1 -cm (40 mils) thick, are used to minimize the cell 
resistance, and external pumps (not shown) are used to maintain a rapid 
rate of flow in all streams to promote mixing and to minimize problems 
associated with concentration polarization. 

2. Neutral-Membrane Electrodialysis 

A less common scheme, which makes use of a nonselective membrane 
in place of either the anion- or the cation-permeable membrane, is shown 
in Fig. 6.4. This process has been described by Kollsman (1959) ; 
Deming (OSW, 1963) has used the phrase "transport depletion" to 
characterize it, and it has been investigated by Lacey at the Southern 
Research Institute (OSW, 1962). All the processes described in this 
section, and several others, could be characterized as transport-depletion 

ELECTRODE 
REACTION 
PRODUCTS 
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F I G . 6.4. Cation/neutral-membrane electrodialysis. C, cation-permeable membrane ; 
N, neutral membrane ; f, feed; p , product (di luate); c, concentrate. 

processes; therefore, we prefer the phrase "cation (or anion)-neutral 
membrane process'' to describe systems using a neutral membrane. 
Several intermediate electrodialysis systems using anion membranes of 
low selectivity have also been proposed (Permutit, Ltd., 1960a). 

3. Electrogravitation 

A third important variation, in which only one kind of membrane is 
used, is illustrated in Fig. 6.5. This scheme, which was called "electro-
gravitational separation'' by Frilette (1957), has also been described by 
Kollsman (1958). Electrogravitation is an extension of an older process 
known as "electrodecantation." Separations based on this process have 
been described in a review by Bier ( 1959) . 1 In the electrogravitation 
process, the cell spacing may be relatively large, \ to 1 cm. The cells are 
fed at an extremely low rate, and density differences that are induced by 
the electric current produce a slow superimposed circulation in the cell. 
Product is withdrawn from the top and waste from the bottom. The 
slowness of the diffusion process prevents extensive mixing of the diluate 
and the concentrate. Gross power consumed per unit of salt removed is 
apt to be higher in the latter two devices than it is in the more conven
tional apparatus; however, they do require less membrane to do the job. 
The economic merits of this situation will be developed more fully in 
Section VII, B. 

1 M u r p h y and Batzer ( 1952) have described an electrogravitational separation which 
is closely related to the processes that can be devised using membranes. 
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F I G . 6 . 5 . Electrogravitational separation. C , cation-permeable membrane ; f, feed; 
p, product (diluate); c, concentrate. 

II • Membrane 

A . GENERAL 

The principal requirements for a membrane to be useful in the 
electrodialysis process are: 

(1) It must discriminate between ions of opposite charge. 
(2) It must conduct electricity. 
(3) It must also have a low transference number for water. 

Other physical characteristics that are desirable to facilitate handling 
and mounting in equipment are an adequate degree of mechanical 
strength and dimensional stability. Furthermore, the membrane should 
have good chemical durability; oxidation resistance is particularly 
important, especially for any membranes that may be exposed to process 
streams that contain the anode oxidation products. The manufacture of 
membrane and the factors that control some of these properties will be 
discussed briefly in Section II, C. 

The leading properties of some commercially available ion exchange 
membranes are given in Table 6.1 which appears in Section II, B. 
Chemical, electrochemical, mechanical, and economic data, and an 
indication of sources, are included in the table. Many of the quantities 
that are summarized in Table 6.1 are more meaningful when the exact 
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method of measurement is specified; therefore an indication of the 
method is given in some cases. A complete discussion of the measurement 
of membrane properties would be beyond the scope of the present 
chapter; however, comments on the nature of some of the measurements 
are also included in Section II, B. 

Brief definitions of the quantities tabulated and comments on our 
reasons for interest in them follow in Section II, B. Some additional 
properties that do not fit readily into a simplified table are also discussed 
in that section. 

A manual on the measurement of the properties of ion exchange 
membranes has just been published by the Office of Saline Water (1964) . 
Most membrane-properties data, as reported to us by the manufacturers, 
appear to have been measured in accord with the general principles 
outlined in the O S W manual, if not the actual detailed procedures. 

W e are indebted to the following manufacturers of ion exchange 
membranes for furnishing us with rather complete data on their products: 

American Machine & Foundry Company 
R & D Division 
689 Hope Street 
Springdale , Connecticut 

Asahi Chemical Industry Co. , L td . 
Kawasaki Plant 
8345 , Yakocho, Daishigawara 
Kawasaki, Japan 

Ionac Chemical Company 
(A division of Pfaudler Permutit , Inc.) 
Birmingham, New Jersey 

Ionics Incorporated 
152 Sixth St reet 
Cambridge, Massachusetts 

T h e Permuti t Company, Ltd . 
Permuti t House 
Gunnersbury A v e n u e 
London, W . 4, England 

Tokuyama Soda Company, Ltd . 
Tokuyama City, Japan 

T o y o Soda Manufacturing Company, Ltd . 
4 5 6 0 Tonda Nanyo-Cho 
Yamaguchi -Ken , Japan 

(membranes are sold through Japan 
Organo Co. , Tokyo , Japan) 

B. PROPERTIES OF COMMERCIAL MEMBRANES 

1. Chemical 

The first two columns in Table 6.1, ion exchange capacity and gel 
water, summarize a pair of properties that are readily measured by 
straightforward techniques. Because they are easy to measure, these 
quantities are often used in describing electrodialysis membranes. Ion 
exchange capacity and gel water, as such, have no direct influence on 
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the utility of a particular membrane as an electrodialysis element, but they 
are useful in comparing one membrane with another. 

Another important property of an ion exchange membrane, not 
tabulated, is its reactivity or chemical durability. There are no obvious 
criteria or agreed-upon standards, but in general the chemical stability 
of ion exchange membranes is similar to that of the more familiar ion 
exchange resins. Chemical durability is usually evaluated by exposing 
the membranes to strong acids, bases, etc. The common membranes 
have adequate resistance to acids and bases and can be used for extended 
periods at upper temperatures that may range from 60 to 100°C. 

Oxidation resistance is important in some applications, for example 
for the membrane next to the anode in a stack, and for this reason some 
manufacturers have offered products that have particularly good oxidation 
resistance. Oxidation resistance is usually evaluated by exposing the 
membranes to bleaching solutions, hypohalites, and the like. All the 
currently known oxidation-resistant membranes have rather poor 
resistance to alkalies. 

2. Electrochemical 

The electrochemical properties of ion exchange membranes are of 
utmost importance. Unfortunately, the quantities commonly measured 
and reported are quite sensitive to the exact procedure used. Therefore, 
a rough indication of method is given along with each column of data 
in Table 6.1. 

The electrical resistance, column 3 in Table 6.1, is clearly of great 
importance in a system which is expected to conduct electricity. Because 
the electrodialysis membranes are used as sheets interposed in the current 
path, because the various manufacturers make ion exchange membranes 
in several thicknesses, and because many ion-exchange-membrane 
formulations are nonisotropic, the resistance is tabulated in terms of a 
unit area of membrane sheet (units: ohm-cm 2) rather than the more 
conventional specific resistivity. The resistances as tabulated here and 
by most manufacturers are generally taken under a.c. conditions; while 
they can be used to compare one membrane with another, they will in 
general be quite a. bit smaller than the apparent d.c. resistance of a 
membrane in an operating electrodialysis system. 

The selectivity, tabulated in column 4, is a rough measure of the 
ability of an ion exchange membrane to utilize current passed to separate 
salt from water. To make standardized comparisons involving the least 
amount of interpretation of the data, we reported the selectivity in 
terms of either the voltage ratio or, in cases where the manufacturer 



T A B L E 6.1 

PROPERTIES OF COMMERCIAL ION EXCHANGE MEMBRANES 

Chemical Electrochemical Mechanical Economic 

Ion Gel Reversible Nominal 
M e m  exchange water, drying mils Cost, 
brane capacity, % Area resistance, Strength dimensional mils Size S/ft2 

Manufacturer type meq/g (dry) (dry basis) ohm-cm* Selectivity (wet) stability (wet) available (f.o.b.) Remarks 

American 
Machine & Voltage 
Foundary ratio Mullen 
Homogeneous; 1000 ~ 0.5/1.0 Ν burst, 
polyethlene base 0.6 Ν KC1 KC1 psi polyethlene base psi 

Reversible; \ 
C-63 C 1.6 ± 0.2 35 ± 7 5 ± 2 80 ± 5 45 ± 5 - » 1 0 - 1 3 % l in . 12 J 
C - 1 0 3 C 1.3 ± 0 . 2 22 ± 7 7 ± 2 93 ± 2 60 ± 5 / exp. on 8.5 I 

rewetting I 44- in . - ϊ 
Reversible; / wide rolls J 1.40 

A - 6 3 A 1.6 ± 3 28 ± 5 6 ± 2 82 ± 4 45 ± 5 ϊ 1 2 - 1 5 % l in . 12 ( 
A - 1 0 3 A 1.5 ± 3 20 ± 5 9 ± 3 92 ± 3 55 ± 5 / exp. on 8.8 \ 

rewetting J 
Fluorocarbon 

base 
Reversible; \ Outstanding 

C - 3 1 0 C 0.65 ± 0.1 17 ± 4 4.5 ± 2 86 ± 5 110 ± 2 0 \ 1 2 - 1 5 % lin. 11 ( 44- in . - Ν. A. \ oxidation 
C - 3 1 3 C 0.65 ± 0.1 17 ± 4 4.5 ± 2 85 ± 5 55 ± 5 ; exp. on 6 wide rolls 17.50 / resistance 

rewetting ) 
Asahi Chemical 

Industry 
Permselect. 

1000 ~ 0.25/0.5 Ν Tensile, 
0.5 Ν NaCl NaCl kg/mm2 

Homogeneous 
kg/mm2 

styrene— 
D V B base 

Reversible; Permselectivities 
C K - 1 C 2.8 56 1.4 ϊ 85 χ 2 -2 .4 > 1 5 - 2 3 % l in. 9 / 44 by \ 1.50 calculated from 
D K - 1 C 2.6 52 1.8 j 5 ) exp. on f 44 in. / transport n u m 

rewetting ) bers determined 
potentiomentric-
ally by manufac
turer. Materials 
available in a 
range of specific 
resistivity and 
thickness. Wate r 
transport 6 . 5 - 1 0 
m o l e s / ^ (C) 
and 4 -6 .5 moles/ 
^ ( A ) 

E
lectrodialysis 
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T A B L E 6.1 (continued) 

Chemical Electrochemical Mechanical Economic 

Manufacturer 

M e m 
brane 
type 

Ion 
exchange 
capacity, 

meq/g (dry) 

Gel 
water, 

% 
(dry basis) 

Area resistance, 
ohm-cm 2 Selectivity 

Strength 
(wet) 

Reversible 
drying 

dimensional 
stability 

Nominal 
thickness, 

mils 
(wet) 

Size 
available 

Cost, 
S/ft2 

(f.o.b.) Remarks 

C A - 1 
D A - 1 

A 
A 

1.9 
1.5 

45 
35 

2.1 ϊ 
3.5 j 92 } 1 .9-2.3 } 

Reversible; 
1 2 - 1 8 % l in. 
exp. on 
rewetting I 9 } 

44 by \ 
44 in. J 1.50 

Asahi Glass* 
Reinforced 

D M T 
A M T 10 

C 
A 

2.25 
1.6 

44 
40 

1000 ~ 
0.6 Ν KC1 

1.3 
3.0 

Voltage 
0.5/1.0 Ν 

KC1 
62 
72 

Mul len 
burst, 

psi 
134 \ 

71 J 
Cracks on 

d r y i n g } 4.2 } N.A. } 1 .10 

lonac Chemical 
Fabric-
reinforced 

M C 3 1 4 2 
M C 3 2 3 5 
M A 3 1 4 8 
M A 3 2 3 6 

C 
C 
A 
A 

0.95 
1.26 
0.60 
0.77 

18 
20 
12 
19 

a.c. 
10 
11 
20 
20 

Corrected 
voltage ratio 

0.5/1.0 Ν 
NaCl 

94 ) 
95 ( 
90 ( 
93 ) 

N.A. | Reversible 

6 ) 
12 ( 

7 f 
12 ) 

4 0 by 
120 in. 

1.80 

3.50 

Voltage ratio 
corrected for 
l iquid junction 
potential accord
ing to O S W 
Rept. 77, proc. 
602 .2 ; good 
oxidation re
sistance 

Ionics 

Fabric-
reinforced 

CR-61 
A R - 1 1 1 A 

C 
A 

2.7 
1.8 

46(wet) 
43(wet) 

0.1 Ν NaCl 

j l 

Voltage ratio 
0.5/1.0 Ν 

KC1 

6 5 * 
57* 

Mullen 
burst, 

psi 

1 15 ϊ 
125 / 

Cracks 
on dry ing; 
dimensional 
stability 
good 

23 χ 
24 } 

9 by 10 in. ; 
18 by 2 0 i n . ; 
18 by 40 in. 

2.70 
4.80 

Standard backing: 
4-oz Dynel ; 
other weights 
and materials 
available on 
request. Water 
transport ~ 11 
moles/J*' (C) 
and 7 moles/^" 
(A) 
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Permutit 
Fabric- a.c. Permselect. 
reinforced 1.0 Ν NaCl 0.1/1.0 Ν NaCl 0.1/1.0 Ν NaCl 

Reversible; \ Permselectivities 
C-20 C 2 .0(H +, wet) 43 12 90 \ \ 1 0 % lin. \ 30 by See calculated from 
A-20 A 1 .3(Cl - ,wet) 66 9 82 / High ) exp. on ί 30 J 12 in. remarks transport n u m 1 .3(Cl- ,wet) 

on wetting ) bers determined 
by manufactur
er. Sold only in 
l imited quanti
ties. Apply to 
manufacturer 
for prices 

Tokuyama Soda Mullen 
Fabric- 1000 ~ Permselect. burst, 
reinforced 0.5 iVNaCl 0.5 Ν NaCl kg/cm2 

C l - 7 C 1.5-2.0 2 0 - 4 5 6 -8 97 4 - 5 \ Reversibility 8.3 \ Good resistance 
C L - 2 . 5 T C 1 .8-2.0 3 0 - 4 0 2 .7 -3 .2 97 

3 - 4 j not known; 6.3 i to dilute bleach
C H - 4 C 2.0-2.5 30 -35 2 .3-2 .7 95 3 - 4 f dimensional 8.3 f 38.6 by 1 I ing solution 
A V - 3 A 1 .5-2.0 2 5 - 3 5 3 - 4 95 6 - 7 / stability 8.3 / 51 in. j r N.A. 

ing solution 

A V - 3 T A 1 .5-2.0 2 5 - 3 5 2 .5 -3 92 4 - 5 \ good 6.7 \ 
A V S - 3 T A 1 .5-2 .0 30 -40 4 - 5 95 3 - 4 / 7.5 ; 

Toyo Soda 
Manufacturing Permselect. 

Fabric- 1000 ~ 0.5/2.5 Ν 
reinforced 0.5 Ν NaCl NaCl 

Rev. not Water transport 
known; 8.3 / ^ S m o l e s / ^ i C ) 

C - 1 0 0 C 1.5 30 2 - 4 84 ") dimensional 4.3 } 35.4 in. 1.03 and 
A - 1 0 0 A 1.5 18 3 -5 74 /  stability wide, any 0.69 ~4moles/.i*"(A) 

good length 
~4moles/.i*"(A) 

Source: Manufacturer, except those data indicated by *, which were obtained from Dr . R. N. Smith, 
Section Manager, Membranes & Electrodialysis, American Machine & Foundry Company, 

N. Smith, 

Springdale, Conn. 

E
lectrodialysis 
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supplied transport numbers, we used the permselectivity, as defined in 
Section IV. The two quantities are not equivalent, but they are similar; 
one includes the effect of water transport and the other does not. They 
tend to be numerically equal to each other for highly selective membranes. 
The quantity most directly obtainable from observations on a cell such 
as cell II, Section III, D, is the voltage ratio. Transport number can be 
calculated from it. For high values of the voltage ratio we have for a 
cation-permeable membrane, 

where the quantities are as defined in Sections III and IV; a similar 
relationship holds for the anion-permeable membrane. 

It would have been desirable to tabulate the water transport for each 
of the membranes listed in Table 6.1 but the data needed are not readily 
available for most membranes. The water transport usually lies in the 
range 5 to 25 moles/faraday. As long as it is fairly low, it is relatively 
unimportant, particularly in systems that are designed to desalt brackish 
water. Water transport becomes increasingly important as sea-water 
concentrations are approached, and in systems in which the salt stream 
is the desired product, it sets an upper limit on the concentration 
obtainable. 

3. Mechanical 

The mechanical characteristics of the membranes are of obvious 
importance in the design of equipment. Since membranes in actual use 
must confine flowing liquid streams, some indication of their strength is 
desirable. A common method of evaluation is the Mullen Burst Test 
( A S T M D774-46) . This and/or other indications of membrane strength 
as supplied by the manufacturer are included in Table 6.1. Most ion 
exchange materials shrink a great deal on drying; therefore information 
on the dimensional stability and the re-wettability of the materials has 
been included in the table. 

4. Economic 

Membrane-cost data are clearly important in figuring optimum plant 
design. The prices tabulated are as furnished by the manufacturer and 
are in all cases believed to represent moderate, but not huge, quantities of 
membrane. 

*obs/€calc �r)s = (6.2) 
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C. SUMMARY OF PREPARATIVE TECHNIQUES 

The currently known methods of preparing permselective ion exchange 
membranes may be generally categorized according to the physical steps 
required in their manufacture. 

One method involves the mixing of ion exchange resins with inert 
polymeric binders and subsequently casting them in the form of 
heterogeneous sheets (Graydon and Stewart, 1955 ; Spiegler, 1956 ; 
Wyll ie and Patnode, 1950). The binder serves to strengthen the film and 
also contributes to increased electrical resistance of the membrane. A 
modification of this method consists of dissolving a linear ion exchange 
polymer and a linear inert-film-forming monomer in a co-solvent and 
casting a film from the solution (Bruins, 1954; Gregor et al., 1952; 
Wetstone and Gregor, 1952). The membrane thus produced is still 
heterogeneous, however, with the limitation noted above. 

A second method of preparing membranes involves the polymerization 
of monomers containing ion exchange groups or groups that can be 
converted readily to ion exchange groups (Graydon and Stewart, 1955 ; 
Spiegler, 1956). Membranes in this group have not been prepared 
commercially. Some of the limitations of this method are the unavail
ability of suitable monomers, the requirement of high temperatures and 
a sealed system, and the instability of some of the products in aqueous 
alkaline solutions. 

A third method of preparing membranes involves the preparation of 
polyfneric base films that are insoluble in water. The films are then 
further modified by chemical reactions which introduce ion exchange 
groups (Chen and Mesrobian, 1957 ; Juda and McRae, 1953a; Spiegler, 
1956). The chemistry involved is fairly standard and is very similar to 
that required to convert styrene beads to ion exchange resins. Various 
methods of membrane preparation have been reviewed by Spiegler 
(1956) and Wilson (I960). 

III. Theory of Selective Transport 
across Ion Exchange Membranes 

A . PRINCIPLES GOVERNING SELECTIVE TRANSPORT 

W e should consider several interrelated forces and fluxes in giving a 
complete account of transport across an ion exchange membrane. 
However, the event of primary interest is the motion of ions under the 
influence of an electric field. To understand how membrane selectivity 
arises, it is useful to neglect for the moment the possibilities for coupling 
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between the fluxes of ions, solvent, and heat. The flux of ions in an 
electric field should then be expressed as a mobility times a concentration 
times a negative potential gradient, i.e., 

J * = « ^ - V * ) ? , (6.3) 
nk 

where ] k is particle current in moles per square centimeter per second, 
uk is electrical mobility of the ion in (cm/sec)/(volt/cm), ck is the con
centration of the ion in moles per cubic centimeter, is the gradient 
of electrical potential in volts per centimeter, and where the term 
zkjnk , in which zk is the valence of the ion including algebraic sign and 
nk is the number of equivalents of k in 1 mole (dimensionless), has been 
included to give the current its proper direction. 

Or, putting this in a form that will be more useful when we have to 
consider several kinds of driving force at once, 

J * = ^ F C( - * ^ M (6.4) 

where IF = Faraday's constant (96,500 amp-sec/equivalent), and the 
term in parentheses now has the dimensions of a generalized force 
(watt-sec/equivalent-cm). Note that the minus sign in Eq. (6.3) correctly 
indicates the movement of a current of positive charges J + from higher 
potentials toward lower potentials. 

Now, if the ions must pass through a region in which either uk or ck or 
both become very small, then clearly ]k ~ 0, and it is this fact which 
gives ion exchange membranes their selective characteristics. The ion 
exchange membranes described in Table 6.1 are all composed of fixed 
ionic charges held in a matrix. According to the Donnan principle, the 
chemical potential of the salt in the solution external to the membrane 
must be equal to the chemical potential of the salt inside the membrane, 
i .e . , 2 

RT ln a–2 = í  ˜Ñ + RT ln a–2
y (6.5) 

where  ̃Ñ is the difference in internal pressure between the two phases— 
sometimes called the "swelling pressure" of the membrane. 

Since both the solution and the membrane must be electrically 
neutral, and since the ion exchange material can be made to contain a 

2 T o simplify writ ing the equations, electrochemical formulas throughout have been 
written as though all electrolytes were symmetrical . T h e extension to unsymmetrical 
systems is straightforward, but the notation required is unduly cumbersome. T o be quite 
general we should replace a–2 above by a+

v+a_v-y where the v's are the stoichiometric 
coefficients. 
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very large concentration of ions of one sign, we must conclude that the 
concentration of mobile co-ion is indeed very small. For example, 
suppose that / and k represent monovalent ions of opposite sign and that r 
represents a monovalent fixed ion in the membrane. W e will imagine 
that this ion has the same sign as j . Within the membrane, electrical 
neutrality requires that ck = Cj + cr, while in the solution, ck = c^. 

In the absence of large pressure differences between the interior and 
the external phase, the Donnan principle requires that y±2ckCj = fy±2ckcj, 
and making appropriate substitutions we have y–2ckCj = Y– 2(cr + cj)cs . 
For large values of cr , 

In a typical electrodialysis system, the concentration outside the 
membrane may range from 0.001 to 0.1m, while it is usually possible to 
make the molality inside the resins fall in the range 1 to 5m. Neglecting 
the activity coefficients, this guarantees that 2 X 10~7 ^ c  ̂^ 10~~2. 
Clearly, the particle currents of at least some species in the system can 
be made very small. 

In addition to indicating how selective ionic transport may arise, 
Eq. (6.6) points up two other factors that are of great importance. First, 
the higher the concentration of fixed ions in the membrane, the greater 
the selectivity; second, the degree of ion selectivity shown by a given 
membrane will be governed by the external salt concentration. 

B . COUPLED PROCESSES 

1. General Theory 

When an ion moves through a membrane it does not do so in the 
complete absence of other effects, as was assumed above. The motion of 
the ion is accompanied by a flow of electric current, and there may also 
be a flow of heat and a flow of solvent. W e are faced with the problem 
of describing simultaneously a minimum of four fluxes: salt, electricity, 
solvent, and heat. It is frequently convenient to think of the first two of 
these as fluxes of positive and negative ions; we can always relate these 
ion fluxes to the flux of salt and electricity, because across any membrane-
solution interface, 

J , = J + - J + = J _ - J _ , (6.7) 

and at any point, 

ί = Σ)***7*· (6-8) 
A: 
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In analyzing systems in which several forces and fluxes are coupled, 
it is generally convenient to make use of the theory of the thermodynamics 
of irreversible processes. Although an analysis made in these terms 
cannot deal with the underlying causes of the phenomena that may be 
observed, it is of great value in clearly defining certain relationships that 
must necessarily hold between the various forces and flows when the 
system is in the steady state. Excellent treatments of membrane processes 
in terms of irreversible thermodynamics (neglecting, however, the flow 
of heat) have been given by Kirkwood (1954), Staverman (1952), and 
Spiegler (1958). Many others (Schmid, 1952; Kobatake, 1958a, 1958b; 
Michaeli and Kedem, 1961) have also used this formalism in the analysis 
of a variety of membrane phenomena. W e shall only attempt to indicate 
some of the leading features of the treatment; the reader is referred to 
the original papers for more complete details. 

The general equations for flow may be written (Hills et al.y 1961a) 

J l = Vln 7\ 

h = — =^22 ^ 7 ^ 2 * =^24 Vln Γ, 

°^33 °^34 Vln T, 

Q = - ^ 2 4V r /x 2 * «^34 Vln Γ, 

where J?^ are phenomenological coefficients and we have used the 
subscripts 1, 2, 3, and 4 for positive ions, negative ions, water, and heat, 
respectively. Vr/x* is the gradient of total chemical potential, taken at 
constant temperature, and Q is the flow of heat. 

The total chemical potential μ,* is meant to include effects due to 
electricity, as well as temperature, pressure, and concentration, and 
gravitational fields, if any (we shall assume that gravitational fields are 
unimportant in most instances). Then 

Ìôì*  =æ<^íö+%íÑ + ^ - Vr, (6.10) 

and making the approximation that c ~ ay 3ì/3å  ~ 8iT d ln c/dc,3 

RT 
Vr /x* = z& V<£ + ß VP + Vc. (6.11) 

3 A term including the derivative of the activity coefficient could be included (see, 
for example, Hills et al., 1961a) , but this does not affect the general principles; and, in 
practice, omission of the term that would arise from differentiation of the activity coefficient 
is no worse than some of the other assumptions that are needed to facilitate the integration 
of these equations when they are used to describe real systems. 
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Kirkwood has pointed out that we can apply this formalism equally 
well using as the driving forces either local differential quantities or 
differences between the potentials, etc., on either side of the membrane. 
If the former is done, local values of the phenomenological coefficients 
are required, and some of the quantities of interest will have to be found 
by integrating through the membrane thickness. However, if we take as 
driving forces /ζ" — μ = Δμ, etc., then the phenomenological coefficients 
and the quantities derivable from them, such as transport number, 
resistance, etc., are over-all values applicable to the membrane and its 
interfaces with the solutions. This latter approach is more generally 
useful, and it should be understood that both possible consistent systems 
are implied, even though the equations in this section are developed 
and treated in terms of differentials and vector operators. 

It is obvious that setting any of the driving forces Vr/x^* or V ln Τ 
equal to zero in the equations above does not guarantee that the 
corresponding current J{ or Q will vanish. In particular, the last line of 
Eq. (9) suggests that it may be almost impossible to perform an isothermal 
experiment. Fortunately, in the analysis of most systems that are of 
practical interest for electrodialysis, many of the terms that arise as a 
result of the formalism above are small enough to be dropped. W e shall 
see in the next section that modest differences in temperature and 
pressure have no significant effect on the current flowing as long as even 
very small potential differences exist. 

2. Relative Magnitudes 

The relative magnitudes of the quantities which appear in Eq. (6.11) 
can be estimated by considering the actual differences which may exist 
in a real electrodialysis system; typically, 

˜ö > 0.010 volt, 

˜÷ = º = ΙΟ-2 ··· ΙΟ"1 cm (4 ··· 40 mils), 

í  = 20 ··· 30 cm3/mole, 

˜Ñ ~ 0.1 atm = 1 0 - 2 watt-sec/cm3, 

Ô 300°K, 

C’jC ~ 2, 

& = 96,500 amp-sec/equivalent, 

0t = 8.315 watt-sec/mole-°C. 

Replacing the partial derivatives in Eq. (6 .11) by the ratios of small 
differences, we can examine the conditions under which some of the 
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terms are negligible. Using the ~ sign for the inequalities, and taking 
the lower value when a range is given, the terms in Eq. (6.11) have the 
following approximate numerical values (in units of joule/mole): 

z& V</> ~ 1 χ ΙΟ5 χ 10- 2/10- 2 = 105, 

í  VP — 20 χ 10- 2/10- 2 = 20, 

MT V ln c ~ 8 X 300 χ 0.69/10"2 = 1.7 χ 105. 

Clearly, the term due to í  V P need not be considered, unless we 
happen to have set up an experiment, such as an osmotic-pressure 
determination, in which small pressure differences are themselves the 
quantities of particular interest. Measurements by Shaffer ( 1961) and 
Ikeda (1958) indicate that thermal gradients also have a very minor effect 
on the flow of matter across the usual ion exchange membrane. Shaffer 
found that the heat flux was the order of only —3000 cal/faraday, while 
the thermoelectric studies made by Ikeda indicated that it was even 
smaller ( — 375 cal/faraday) in the system he studied. 

3. Definition of Conductivity and Transport Number 

Because the terms involving temperature and pressure are small in 
the ordinary applications of electrodialysis, we can make important 
simplifications in the theoretical treatment and consider the system in 
terms of the currents of salt, solvent, and electricity, driven only by 
concentration and potential differences: 

J l = ^11^1 =^12^-2 + =^13^-3 > 

J 2 = = ^ 2 ^ 1 + ^ 2 2 ^ 2 + = ^ 2 3 ^ 3 > (6.12) 

J3 = =^13^-1 ° ^ 2 3 ^ 2 " t - â 3 3 ^ 3 > 

where X, the generalized force, is given by 

OJ>T 

c 

To relate the coefficients in Eq. (6.12) to more familiar quantities, such 
as resistivity, water transport per faraday, etc., consider a system in 
which V ln c = 0 and a unit electric field is applied across a membrane. 
Letting the subscript 1 indicate a positive ion, 2 a negative ion, and 3 a 
water molecule, as before, we have 

Ji = - S W - * ! ^ ) + ^ a i - * * ^ ) + ^i 3(0) , 
J 2 = X^-Zy?) + ^ 2 2 ( - ^ ) + ^ ( 0 ) , (6.13) 

J 3 = + ^ 2 3 ( - * 2 ^ ) + ^33(0) . 
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The electric current is given by 

i = * i ^ J i + * * * 7 2 , (6.14) 

and the electrical conductivity is 

ó = i/(-V<£) = Se^z^ + 2^λ2ζλζ^2 + J S f ^ a
2 ^ . (6.15) 

The transport number of the kxh ion, i.e., the fraction of the total 
current carried by k, is 

and its transference number fk is defined by 

TFC = zkfk (AND = zkrk\ (6.17) 

where f includes both magnitude and sign. The distinction between 
transport number and transference number may seem to be arbitrary and 
unimportant, but it helps avoid confusion is systems in which both 
charged and uncharged species may move as the result of the passage of 
electric current. The transference number of water is given by 

T,» = ô\ł = � � • ( 6- 1 8) 

Now zwfw = 0, and the electric current i is given by 

i = 2 )* .^J . . (6.19) 
k 

It should be noted that the apparent values of σ and r, measured under 
other conditions, may differ numerically from the values as determined 
in an experiment in which V ln c = 0, V P ~ 0, and V 7 1 ~ 0. However, 
the definitions used above, e.g., conductivity equals current flow per 
unit of electrical potential gradient in the absence of all forces except 
electrical potential gradient, provide a set of constants which are truly 
properties of the ion exchange membrane (or, more properly, the 
membrane plus its interfaces with the solution), instead of quantities 
which may depend on concentration, pressure, or temperature ratio used, 
or the particular manner in which the experiment is conducted. 

Additional important quantities—streaming potential, specific 
mechanical permeability, thermoelectric coefficient, etc.—can be 
defined in terms of experiments which make one or more of the currents 
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or driving forces in Eq. (6.12) vanish. The most general description of 
any selective membrane depends on the determination of the six 
independent coefficients in Eq. (6.12). In practice, this is a difficult and 
tedious task, although Spiegler (1958) has suggested a reasonable 
simplification of the problem. 

C . MEMBRANE POTENTIAL 

1. Importance 

The electrical potentials that may exist when two solutions of different 
composition or concentration are placed in contact is a subject of great 
theoretical and practical importance. The causes for, and the measure
ment of, such potentials are extensively treated in most standard reference 
works on physical chemistry. The phenomena that exist when the 
boundary is selective with respect to some species in the system are an 
important subclassification within the general problem. It appears, for 
example, that many biological processes can be studied in terms of the 
selective electrochemical transport of ions across a cell wall (membrane) 
which separates electrolyte solutions of differing compositions. 

The back emf's which may exist in practical electrodialysis systems 
are important for two reasons. They are directly related to the energy 
required to transport salt from the dilute stream to the concentrated 
stream, and the no-current potentials are widely used in determining 
the suitability of ion exchange membranes for various processes. The 
popularity of potential measurements for this purpose appears to rest in 
part on the ease with which they can be made and in part on the existence 
of an extensive theory of electrodes and electrode potentials. 

2. Equation for Concentration Potential 

In order to show clearly the meaning of the membrane concentration 
potential and its relationship to other membrane parameters, we shall 
review briefly the derivation of an expression for it using Eq. (6.12) as 
the starting point. For example, consider the electrical potential across 
the membrane when there is a concentration gradient and no electric 
current is flowing: 

i = z j ^ + z ^ = 0 

+ X1*2PX1 + Se^&Xi + , (6.20) 
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where we have used Xys (as before) to stand for the negative gradients 
of the electrochemical potentials. Dividing Eq. (6.20) by we have 

0 = ΤλΧχ + T2X2 + TgXj 

= — ν ψ — τ2& νφ 
- ô^â¾ V In Æº - ô^âÔ V 1η α2 - τ 3^ 7 ' V 1η λ3 , / (6.21) 

and finally 

- ν<Ρ = V 1η Λ ι + τ 2 — V 1η λ2 + τ 3 — V 1η α3 , (6.22) 

or, in general, 

Ö"-Ø=\  -Xrk � V\na k. (6.23) 

This important result has been obtained previously by Scatchard (1954), 
who treated the problem by considering the reversible passage of 1 faraday 
of electricity through a suitable cell. 

3. Concentration Potential as a Measure of Membrane Quality 

The concentration potential clearly depends on the transference 
numbers of both the ionic species and the solvent. It is clear that the 
voltage actually observed, divided by the voltage that can be calculated 
for a situation in which 

fx = 1, f2 = 0 and f3 = 0 

is a measure of the degree to which a cation membrane accomplishes the 
desired separation. If either f2 or f3(or both) are ö 0, then (€ o l ) H/€ c a l c) < 1, 
and the transport process across the membrane must be less than perfect. 
The observed voltage ratio may be taken as a measure of membrane 
quality. Although this use of the voltage ratio has the advantages of 
simplicity and convenience, it is ambiguous. A knowledge of the voltage 
ratio by itself does not tell us whether the membrane inefficiencies are 
due to water transport or low ion selectivity and, as is brought out more 
fully in Section IV, A, these two factors influence the over-all process in 
a different manner. We therefore prefer to characterize the membrane 
in terms of the transport numbers and to regard the measurement of 
concentration potential as one of several possibilities for the pair of 
determinations that are in principle required if we want to know the 
transference of both the mobile ion and the solvent. 
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D . ANALYSIS OF EXPERIMENTAL SYSTEMS FOR THE 
MEASUREMENT OF MEMBRANE POTENTIAL 

Two complications arise in making practical use of Eq. (6.23) to 
analyze the factors that control the potential differences across a mem
brane. First, since both the solvent and a dissolved salt are involved, we 
need some independent knowledge of at least one of the transference 
numbers, even in the simplest cases. Second, we cannot, in general, 
obtain a direct measurement of the </>'s; electrical contact to the solution 
must be made via some system of electrodes, and deriving membrane 
potentials from the voltages measured on a completed cell requires that 
something be known about the electrodes and the factors that control 
their potentials. 

1. Effect of Water Transport 

The effect of water transport is readily dealt with. In many cases fw 

is a relatively small quantity compared to 1/w; if this is the case, or if 
the solutions are very dilute, so that f\ fw d ln aw C^L 0, then the possi
bility of water transfer can be neglected in interpreting the measurements. 
Sollner and Gregor (1945) have suggested an ingenious trick which is 
useful in connection with concentration potentials. It is possible to 
eliminate the effect of water transfer on the potential by adding a neutral 
polymer to one of the solutions so that d\naw = 0. The correct amount 
can be found by adjusting the neutral polymer concentration in the 
dilute solution until the two osmotic pressures are equal. Although it 
appears possible to obtain fw from two successive observations of cell 
potential, this would not produce very accurate results. A better method 
for determining the water transport per faraday is to make direct 
observations in a cell such as is shown in Fig. 6.6. 

c d e 

F I G . 6.6. Apparatus for measuring the transference number of water, a, Ag/AgCl 
electrode; b, capillary; c, magnet; d, membrane ; e, stirrer shaft. [After Mackay and 
Meares (1959).] 
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An alternative approach, which the authors used occasionally, is 
shown schematically in Fig. 6.7. If the system is run for a suficient period 
of time, the composition of the return stream will be the same as the 
composition transported. The quantities transported per faraday are 
readily obtained by closing off the return line and noting the initial drop 

OVERFLOW (X) 

F I G . 6.7. Apparatus for determining composition transported. A , anion-permeable 
membrane ; C, cation-permeable membrane. 

in the level of the diluate reservoir. The observations give us directly 
the average of the values of fl in the cation membrane and f2 in the 
anion membrane along with the average value of f3 for the pair. 

2. Typical Electrochemical Cells 

The electrical-contacts problem is somewhat more involved than the 
problems connected with water transference and it is impossible to 
present a full account of it here. However, it is useful to analyze the 
situations that may arise when the two most common types of electrodes 
are used. In most cases, we attempt to get some information about 
membrane potentials by measuring the potentials of cells such as 

(I) Ag/AgCl, NaClw- | membrane | NaClrw», AgCl/Ag, 
(II) Hg/Hg2Cla, KCl s a t, NaClw< | membrane | NaClm-, KCl s a t, Hg2Cl2/Hg. 

The membrane potential ö" � ö’ does not depend on the electrodes used, 
but the observed cell potential does. For cell 7, in which an electrode 
reversible to C l - ions is used, 

£ Ce „ = - I d In Cl- - 2)ft d ln ak . (6.24) 
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Remembering that 4 τ + + τ_ = 1 and making use of the Gibbs-Duhem 
equation ( d ^ = 0), 

^CEII = - ^ijh J (F + - O.OlSmfJ d ln a± . (6.25) 

For cell II, on the other hand, 

Eoen — y j , {(2f + - 1) - 2 χ O.OlSmf,} d ln a± . (6.26) 

Measurement of the cell potential for either of these cells allows us to 
determine the transference number of the ions if fw is known or if the 
term which includes it can be taken as ~ 0. 

Small pressure differences will have a negligible effect on the electrodes 
considered above, and the streaming potential, if at all significant, can 
be estimated from a direct measurement (the electrode potentials will 
nearly cancel). 

The heat transported Q* can also be measured by considering non-
isothermal cells similar to I and II. De Bethune et al. (1959) have 
published an analysis of cells containing a thermal gradient, and his data 
can be combined with measurements on a cell containing an ion exchange 
membrane to obtain 

(6.27) 

IV. Practical Considerations 

The actual energy required to operate the electrodialysis process 
exceeds that theoretically required for a variety of reasons. Within the 
electrodialysis stack we have to consider both the power required to 
overcome the overpotentials that may exist at the electrodes and the 
membrane-solution interfaces, and the power that will be dissipated by 
the Joule heating of the membranes and the electrolyte solutions. The 
fact that the membranes are not perfectly selective means that more 
than the theoretical current must be passed; this aggravates the power 
losses attributable to polarization and resistance. Further, any stray 
current that flows in the manifolding system consumes power without 

4 rk is the transference number of k} that is, the number of moles of k that are transported 
along with one equivalent of positive electricity. T h e transport number T A = zkrk , where 
æ includes the sign and valence of k. 
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producing any useful results. These problems will be discussed in more 
detail below, but before proceeding to consider them it is desirable to 
remind the reader that there are a variety of additional sources of power 
consumption external to the electrodialysis stack itself. These are 
discussed briefly at the end of this section. 

A. CURRENT REQUIREMENTS 

I. Current Efficiency 

In any practical electrodialysis system, it is generally found that the 
amount of current required to produce a given amount of desalting 
exceeds the requirement that can be calculated on the basis of current 
flow through ideal membranes. Several factors may contribute to low 
current efficiency in an electrodialysis stack: 

(a) The membranes may be less than perfectly selective. 
(b) There may be parallel current paths through the stack manifold. 
(c) A large water transfer may accompany the current flow across the 

membrane. 
(d) At sufficiently high current densities or low salt concentrations, 

the H + and OH~ ions normally present in water will begin to participate 
in the current-carrying process. This last difficulty, water splitting, which 
is discussed more fully below, can be avoided by proper design, and 
selection of operating parameters. 

It has become customary to speak of the ratio of the salt transported 
to the theoretical current requirement for a given type of stack as the 
Faraday efficiency ç& of the stack. This efficiency depends on both the 
actual membrane used and the amount of leakage current that a particular 
stack design may permit. Because there is also water transport, it is 
convenient to define, in addition, an over-all current efficiency 7 7 , . This 
may be taken as the current required in practice to produce a quantity of 
water of a given quality divided by the current theoretically required to 
perform the same function. Assuming that obvious problems, such as 
external parallel current paths through bolts and containers, gross leaks 
between the product and waste compartments, and water splitting, have 
been properly taken care of, we can express çÉ as the product of three 
efficiencies: 

çÉ = ç^çíà = ç8ççç,ï  , (6.28) 
where the first term on the extreme right takes care of effects due to the 
permselectivity of the individual membranes, the second term on the 
right accounts for the effects of current leakage through the manifold, 
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and the third term is the result of water transport through the mem
branes; the quantities ç8, ççØ, and çı) (see Section IV, A, 3, 4, and 5) 
are all defined in such a way that ideally they approach 1.0. 

Low values of ç8 and t\w in Eq. (6.28) have an effect on the operation of 
an electrodialysis stack that is quite analogous to the effects of a low 
power factor in an a.c. circuit; if ç8çØı is low, the current theoretically 
needed to produce the desired result will have to be passed through the 
stack several times, with a consequent increase in the inevitable Joule 
heating losses. 

2. Current Utilization 

Although the efficiencies defined above are useful in characterizing the 
quality of an electrodialysis component, subassembly, or system, they 
do not provide any general relationship between the actual current used 
and the net desalination. The amount of salt removed from the dilute 
streams depends on the number of selective membranes in the system 
and on the differences that exist between the transport numbers of the 
ions in the membranes and the solutions. The net removal of salt from 
the dilute streams is 

A(NdFd) = IVm{nc([r+]c - τ +) + ηα([τ_]α - τ_)}/^, (6.29) 

where A(NdFd) is the change in dilute stream-flow rate and normality on 
passing through the stack, / is the total current, and η is the number of 
membranes; the subscripts a and c refer specifically to anion and cation 
membranes, and the other symbols have the meanings previously 
assigned. 

The quantity 

Vm{nc{[r+]c ~ T +) + na([T_]a - τ_)} = (6.30) 

describes the removal of salt per unit of current, and it is sometimes 
convenient to refer to it as the Faraday utilization factor, . To 
calculate the water production rate we also need the current utilization 
factor ξΙ, which is given by 

6 = vJ* = VwVm{nc([r+]c - τ +) + na([f_]a - τ_)}. (6.31) 

In many cases, ξ7 ~ ξ& , and the two terms are often used interchange
ably. 

3. Permselectivity 

The most important single quantity relating to an ion exchange 
membrane that is to be used in electrodialysis is the degree to which it 
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4. Manifolds 

The current leakage through the manifold system can in principle be 
eliminated completely, but since typical stack designs produce manifolds 
with a cross-sectional area very much smaller than the working membrane 
area, the incorporation of current interrupters has not seemed worth
while. The probable effect of current leakage through the manifold is a 

5 Helfferich (1962) gives still another definition of the current efficiency: q{ = Σ,#,τ, , 
where the j’s are all counter-ion species in the membrane. For a poor membrane used 
with NaCl, this quantity approaches either 0.4 or 0.6, but not 0, as the selectivity is 
reduced. 

passes an ion of one charge and discriminates against an ion of the 
opposite charge. This is called the permselectivity, φ. Winger et al. (1953) 
have offered a definition of membrane permselectivity which appears to 
us to be both logical and useful in the description of an element that is 
supposed to discriminate against the passage of one kind of ion. They 
suggest 

^ = T ^ = I ±R 1 ( 6· 3 2) 

for a cation-permeable membrane and 

for an anion-permeable membrane. This definition is based on the idea 
that the function of the membrane is to alter transport numbers of the 
individual ions and that the maximum transport number attainable with a 
perfect membrane is 1.0. Although it is obvious that we want to use 
high-quality membranes, the exact effect of membrane quality on 
current utilization must in general be determined by the use of Eq. (6.31). 
The efficiency with which current transports salt through any set of 
membranes is 5 

»βτ_φβ+«ατ+φα 

" η0τ_+ηατ+ 

The fact that current utilization in a highly selective conventional system 
can be calculated using an average permselectivity, 

tI~VaVmn(t±±^) (6.35) 

is a sheer numerical accident. 
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reduction in efficiency of less than 5 % . In any cases where doubt arises, 
the leakage current for a given design can be estimated by assembling a 
sample stack with insulating sheets of plastic in place of the membranes, 
and then measuring the actual current that flows through the manifolds 
when the stack is filled with appropriate saline solutions and the normal 
operating voltage is applied. A more detailed electrical analog system for 
estimating current leakage in the manifolds has been given by Wilson 
(1960, Chap. VI) . 

J . Water Transfer 

The third source of inefficiency is seldom serious when moderate 
quantities of salt are removed from brackish waters; however, in more 
concentrated solutions (see Fig. 6.8) or in systems involving a high 
degree of desalination, water transfer can have important effects on the 
current utilization in the process. Assume for the moment that the 
membranes are perfectly selective with respect to the salt in solution; 
then a large transfer of water will: 

(a) Require the use of additional current to meet the desalted-
product quality specifications. 

(b) Reduce the quantity of product obtainable from a given amount 
of feed to the dilute stream. 

Expressing the effect of water transport on the efficiency with 
which current is used to separate salt and water is a bit tricky. If it 
is assumed that the object of the process is to produce a constant 
quantity of water at a definite concentration and that feed rate and 
current can be varied as needed to meet this objective, then the effect of 
water transport on the current efficiency is given by 

where mi is the molality of the feed water. The relationship between 
electric current and production rate under this set of assumptions is 

(1 — nfw X 0.018m4/^s), (6.36) 

ANFd' = hII& = vJrII&9 (6.36a) 

where ΔΝ is the change in dulute normality and the prime has been used 
to remind us that we are dealing with the dilute stream exit flow (product 
rate). 
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B . POLARIZATION 

7. Principles 

Polarization is the natural result of the separation mechanism; the 
change in the (electrical) transport numbers of the ions at the membrane 
surface implies that two or more forces or mechanisms are responsible 
for the movement of ions to (and away from) the membrane. If ions did 
not reach each point in the electrical path as rapidly as they were removed, 
there would be discontinuities in the electric current. This is an obvious 
requirement for steady-state operation, but it is equally true for batch-
type desalting operations in which the current changes with time. The 
movement of ions toward the zone of transference number change is 
governed by a potential gradient, a concentration gradient, and by 
physical mixing; there is no method by which polarization can be 
prevented other than by stopping the current flow. 

Consider, for example, the situation on the dilute side of a cation-
permeable membrane. The removal of salt from the membrane-solution 
interface depends on the flow of current and the transport-number change 
at the interface; the effect of the electric current on the flow of salt is 
given by 

h = (i/JT)(f+ - τ +) ~ (i/J*>- . (6.37) 

On the other hand, salt is transported to the membrane by processes 
which do not require the passage of an electric current through the fluid. 

Two processes are involved in the transport of salt to the interface: 
entrainment of the solute particles in the moving fluid, and diffusion of 
the particles through the fluid. The two processes are related by 

ν · Vc = D V2c, (6.38) 

where ν is to be obtained by solving suitable hydrodynamic equations. 
Despite the great importance of hydrodynamics in connection with 

most electrochemical processes, it is impossible to attempt an account 
of this subject here. Fortunately, a fairly detailed treatment of the 
applications of hydrodynamics to electrochemical phenomena has been 
given by Levich (1962), and further discussions of the general principles 
can be found in standard texts on heat and mass transfer. 6 

Hydrodynamic theory invariably indicates that far from the interface 
the motion of the solute is governed mainly by entrainment, but even in 

6 See, for example, R. B. Bird, W . E. Stewart , and Ε. N. Lightfoot, "Transport 
Phenomena." Wi ley , New York, 1960 . 
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well-stirred systems, the salt must finally reach the membrane by 
diffusing across a relatively slow moving layer. This layer has a charac
teristic thickness δ, and the concentration gradient in it can be satis
factorily approximated by (C — C0)/8, where C is the concentration of 
the bulk solution and C 0 is the concentration at the interface. 

In the steady state, the arrival of salt at the membrane-solution 
interface must exactly balance the removal of salt. At a cation-permeable 
membrane, 

i/nJF = -D(AC/8)/(T+ - τ +) , (6.39) 

or, for an ideal membrane, 

i/wjr = -D(Ac/8)/T_  . (6.40) 

It is interesting to compare this latter expression with the current-
concentration relationship that can be derived from Eq. (6.12). 

For an ideal cation-permeable membrane, 

(6.41) 
J . = 0 = - ^ ( * J f V 9 , + Vf t») I 

where the subscript zero has been added as a reminder that we are 
dealing with the situation at the membrane-solution interface. Making 
use of the Nernst-Einstein relation, u{ = D^j&T, and performing 
some minor manipulations, 

i = - *-)D+ -0ÚØ co v9 >o 

= -z+(l-±)D+PVc0. (6.42) 

Equation (6.41) is the Nernst-Planck equation and Eq. (6.42) has been 
derived from it by several other workers [Peers (1956)] . 

2. Consequences 

Although there is no such thing as avoiding concentration polarization, 
Eqs. (6.39) and (6.40), plus the fact that AC can be approximated by 
C — C0 , suggest that there are limits to the current that can be carried 
by the solute ions in an electrodialysis system. The limiting current in 
the case of a cation permeable membrane is 

n&Dc 1 
l l lm = - - f - = - T 7 8 ' ( 6* 4 3 ) 
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or, if the membrane is ideally selective, 

*lim = - ~ 
n&Dc 

τ_δ ζ. (6.44) 

In actual practice, considerably less current than this is used. W e 
cannot, in general, allow C 0 to approach 0. If current sufficient to 
accomplish this is passed through the cell, a catastrophic inefficiency 
arises. The ordinary concentration of H+ and O H - ions in an aqueous 
solution is about 10~7 mole/liter, and the mobilities of these ions are 
3 to 5 times as great as the mobilities of the other common ions. As 
soon as C 0 approaches 5 Χ 10~ 6 mole/liter, an appreciable amount of 
current will be carried by hydrogen and hydroxyl ions. This has two 
principal effects: Power consumption is enormously increased, and the 
pH's of the process streams are altered. 

A variety of mechanisms operate to increase the power consumption. 
First, the current required per unit of salt removed must obviously rise. 
Second, energy dissipation in the boundary layer will increase; part of 
this results from the poor conductivity of nearly pure water, but much 
of it represents the dissociation energy. And finally, back e m f s due to 
the polarization layer (see Section IV, C) increase and add to the energy 
consumption. There are circumstances in which we might be willing 
to accept the increased power consumption, but most brackish waters 
are nearly saturated with scale-forming materials, and although they are 
often well buffered by the carbonate/bicarbonate equilibrium, so that 
no changes in pH are readily observed, any transfer of H+ or O H - into 
or out of a local region will generally cause serious scale and precipitation 
problems. 

3. Practical Control and Evaluation of Polarization 

In actual practice, polarization is held to reasonable values by con
trolling the ratio of current density to the normality of the dilute stream 
ijCd and by designing the system to make δ as small as possible. 

Two things are done to minimize the boundary layer. First, large 
circulating pumps which provide high flow rates are used; second, 
spacers or screens which cause local eddying or turbulence are placed in 
the stack compartments. Both of these measures add to the power 
consumed in circulating the process fluids, but they reduce the stack 
power consumption and shift the polarization point to higher current 
densities, both of which prove to be desirable in terms of economic 
optimization. Unfortunately, in most actual electrodialysis stacks, the 
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FIG. 6.9. (a) Current-voltage characteristics of a single 
cation exchange membrane. [Peers (1956).] (b) ¯/I  vs. I l l 
for experimental electrodialysis cell. [After Cowan and 
Brown (1959).] 
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mechanical and hydraulic situation is so complicated that there is little 
hope of calculating the boundary-layer thickness, and in most cases it 
is only possible to estimate δ from electrical polarization measurements. 
Such measurements on actual stacks or test cells are helpful in deter
mining the effects of various steps that may be taken to promote mixing. 

In general, some practical definition of the polarization point is 
adopted, and then using the actual stack or a suitably dimensioned 
model, the limiting current is empirically evaluated. The T N O group, 
for example, has defined a polarization condition at which the slope of a 
current vs. voltage plot deviates 25 % from its initial value. Wegelin 
(1957) has defined a polarization condition in terms of a critical velocity 
equation. This polarization condition depends, of course, on the cell 
construction and the flow rate and has, therefore, been reported in terms 
of a "critical velocity" for a given cell design, solution concentration, 
and current density. Rosenberg and Tirrell (1957) also defined a polariza
tion condition in terms of hydrodynamic factors, using bulk-solution 
pH changes as the polarization indicator. Both methods are similar in 
that they define conditions where the dissociation of the solvent (water) 
and current transport by hydrogen and hydroxyl ions is minimal. Cowan 
and Brown (1959) devised an analytical technique for defining a polariza
tion condition of this type more accurately (See Fig. 6.9). By plotting 
over-all stack resistance vs. reciprocal current, they found minimum 
"points" which correspond quite well with incipient sharp changes in 
bulk-solution pH's. It should be noted that the polarization limitation, 
rather than the results of economic optimization, generally controls the 
operating current density in practical electrodialysis installations. 

C. VOLTAGE REQUIREMENTS 

The total external voltage ET that is needed to operate a practical 
electrodialysis stack is the sum of three principal potential drops. These 
three potential drops are associated with the electrodes and the electrode 
streams Ee, the iR drops in the solutions and membranes ER , and the 
concentration potentials across the membranes and at the membrane-
solution interfaces Em(t) (Ec for short). 

Of course, many factors, such as electrode potential, electrode over-
voltage, electrode stream iR drop, etc., have been lumped together 
under the first item. This is done because the potential drops in the 
electrodes and their associated streams are neither useful to the separation 
process nor any definite fraction of the power consumed per actual stage 
of salt separation (see Fig. 6.10). 
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1. Stack Voltage Efficiency 

At useful current densities, i.e., i < 20 ma/cm2, the electrode poten
tials will generally be about 2.5 to 3.5 volts, and Ee can be made a very 
small fraction of the total voltage ET by increasing the number of 
individual electrodialysis elements used in series with a given pair of 
electrodes. This suggests that a voltage efficiency term η€ = 1 — (EJET) 
can be defined for the stack as a whole. The sum ER -f- Ec will be the 
sum of the values appropriate to each desalting stage Σ;·(€Λ - f e^- , and 
we can write for the stack voltage efficiency, 

V t = 1 - (EJET) = £ (** + e«W£r · (6-45) 
3 

Obviously, whatever the individual values of eR and ec for the design 
selected, η€ will approach 1 as j is increased. 

2. The Stack Resistance 

The resistance of the operationally useful portion of an electrodialysis 
stack is itself the sum of several individual resistances. The principal 
readily identifiable factors are (see Fig. 6 .10) : the resistances of the bulk 
solutions 7 ? c o ne and R a n ; the resistance of the membranes used R c a t 

and, if present, R n e ut or i ? a n ; and boundary-layer resistances R8, which 
result from the inevitable concentration polarization. 

ο μ 

U Ζ 
ο 
υ 

t 
Λ 

t 

ί 

– 

Α 

t 

Μ. 

– 

c 

º 

– 
R d 

ι R's R's R's I 
I* Unit of Electrodialysis »{ 

F I G . 6 . 10 . Resistance elements in an electrodialysis system. A , anion-permeable 
membrane ; C , cation-permeable m e m b r a n e ; f, feed; p, product (diluate); c, concentrate; 
δ, boundary layer. 
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a. Bulk-Solution Resistance. The specific resistivities, ωα , etc., of 
the fluids in the dialysis chambers illustrated in Fig. 6 . 10 are, of course, 
inversely proportional to the salt concentration in the fluids. In units of 
ohm-centimeters, 

ω< = · ί - , (6-46) 

where the constant Κ depends on the salts present. 7 The inverse relation
ship between the resistivity and the concentration, and the requirements 
of material balance during mass transfer, tend to make the total contribu
tion of the diluate to over-all resistance much greater than the contribu
tion of the concentrate. For example, suppose that the diluate and 
concentrate channels are the same size and that the solution flow rate is 
the same in both. Assume that at some point part way through an ele
mental dialysis unit, half the salt has been removed from the diluate; then 

Cd=0.5Cf Cc = \.5Cf (6.47) 

and the contribution of the electrolyte to the resistance of 1 cm 2 of the 
unit of electrodialysis (Fig. 6.10) is 

^(ohm-cm2) = λ X €0,(1/0.5 + 1/1.5) = λ Χ ω, Χ 2.67. 

In a more general case, in which we might have allowed both the flow 
rates F and the spacings λ to be different, 

* (ohm-cm*) = J + ! + ftpjpj J- (6-48). 

where / i s the fraction of salt removed from the original feed. 

b. Contribution of Boundary Layers. To the resistances calculated for 
the bulk solutions and the contribution due to the screening effect of any 
spacers that may be added to the system, we must also add the effects 
that arise as a result of the polarization layers. Again, it turns out that 
the dilute side effects are far more important than any changes in the 
concentrate, and we shall examine in some detail the manner in which 

7 M o r e properly, the conductivity of a solution is given by 

^ 1000 ' 
3 

where the sum is taken over all species present. ¸˝  = AnC, where ç is the number of 
equivalents per mole. T h e value of  ̧ for any substance is a mild function of the concentra
tion. Equivalent conductances of many common substances at several concentrations are 
tabulated in standard reference works, for example, Harned and Owen (1958) . 
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the dilute side layer affects over-all resistance. Consider the situation 
shown in Fig. 6.10. We shall assume, as is true of many practical opera
tions, that a current density just short of 7 l i m has been selected; under 
these conditions, AC ~ Cd, the concentration at the membrane-
solution interface is expected to be ΙΟ - 4 Ν or a little less, and the 
specific resistivity at the surface can be taken as > 10 6 ohm-cm. The 
specific resistivity at some point intermediate in the polarization layer is 

Κ , .„ Κ. dx ,, ωχ = — and dR = ——. (6.49) 
^x 

Let 0 < X = x/8 < 1; then 

dx = δ dX CX = XAC + C0 (6.50) 

and 
K8dX 

^(ohm-cm2) — 

J ο 

J ο 

ο XAC + C0 

(K/C0)SdX Κ SC0 

XAC/C0 + I = Sc l n (1 + J C / C o )- ( 6 5 1) 

Now, since KjAC ^ K/Cd ~ ωα and ^IC/C0 = (ω 0 — ωα)/ω(1 , 

R8 ~ Swd 1η(ω0/ωΛ). (6.52) 

In a practical system, in which ω0 ~ ΙΟ6, ^ 10 3 ohm-cm, and 
δ ~ 1 0 - 3 cm, we obtain 

R8 ^ ΙΟ"3 Xwdx7 ohm-cm2. (6.53) 

Since cell spacings λ of the order of 1 0 _ 1 cm are often employed, the 
practical effect of the two boundary layers in the dilute cell is at most 
a 14 % increase in cell resistance; however, at low flow rates, δ and hence 
R6 , will be much greater. The possible effects of the boundary layer can 
be included in the determination of the membrane resistance if a d.c. 
measurement is used. The apparent membrane resistance in a solution, 
having approximately the composition of the diluate taken under 
conditions of agitation that correspond to the proposed use, has the 
great advantage that effects associated with both iR drop and concentra
tion potential in the boundary layer will be absorbed in the numerical 
values of the apparent resistivities, transference numbers, etc. This will 
produce perfectly useful results [see Eqs. (6.15-6.18)], as long as the other 
transference quantities are measured under similar conditions. 
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c. Other Factors. The actual over-all cell resistance will depend in 
addition on the particular configuration or flow pattern selected, the 
type of turbulence promoters placed in the compartments, and the 
temperature. The first of these is dealt with more fully in Section V. 

Turbulence promoters of various designs are often added to the cell 
to help minimize the effects due to polarization. These usually mask 
out a portion of the possible conducting path from membrane to 
membrane and thereby increase the cell resistance over the value that 
would be expected for the same cell full of liquid electrolyte. Temperature 
appears to affect the conductance of the whole stack in nearly the same 
manner as it affects conductivities of the individual solutions: 

3. Concentration Potentials 

W e have already seen in Section III, C that the potential across a 
selective membrane is approximately 

where the r's are transference numbers (negative for negative ions) and 
the double prime refers to the solution on the right side of cells such as 
cell / of Section III, D. In electrodialysis systems, this voltage opposes 
the external potential applied to the stack. It is, in general, so small 
compared to practical iR drops, etc., that it can be neglected; however, 
the existence of a concentration boundary layer complicates matters. 

The situation in a typical operating electrodialysis stack is shown 
schematically in Fig. 6 . 11 . Consider a unit of dialysis (as indicated on 
the drawing) and visualize the flow of one equivalent of positive charge 
from left to right under the influence of an external potential difference. 
Within ( 2 ) the current is carried by positive ions moving to the right, but 
on either side of (§) the current is carried by both kinds of ions moving 
in opposite directions in each of the boundary layers δ' and δ". The 
concentration profiles in the boundary layers give rise to polarization 
potentials: 

At~Ato{l +0.023(Ji)}. (6.54) 

(6.55) 

Κ + ô-) ln 
C -A'C 

C 
(6.56) 

and 

2̄ä" = — ( T + + T _ ) 
01T 

l n 
C" (6.57) 

C" + A"C ' 
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F I G . 6 . 1 1 . Concentration potential and back emf's due to concentration polarization 
in typical electrodialysis stack. Dashed lines, concentration; solid lines, potential. A , 
anion-permeable membrane ; C, cation-permeable membrane. T o p : back emf due to 
concentration and polarization (neglecting IR effects) when current is flowing as marked; 
bottom: potential distribution with current off. 
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In addition, the change in concentration at the surfaces of (f) from 
C" and C" to C - A'C and C" + A"C affects the work involved in 
getting the ion across the membrane. The new value of membrane 
potential Em is 

ΛΤ C" +A"C 
E2m<t> = � ( ô+ + r _) In c , _ ι ( 6 -58) 

or we could write for the excess voltage due to polarization, 

# T / C \  iC" A- A"C\ 
Eu = Ε2ιηφ - Elm = - ( f + + f_) ^ r - In fc)(c,_A,c)- (6•59) 

Similar equations will hold in the vicinity of (3) except that 

£ 3ä- = ~(r+ + r_) ̂  In C " +5° = - ^ 2 β" . (6-60) 

and so forth. 
Adding up the potentials encountered in passing across the unit of 

dialysis, all terms cancel except 2̄ôçö and ¯˘ôçö , which reinforce each 
other because f+ at fi ~ 1 and f + at (3) ~ 0. 

W e have, finally (for a 1 : 1 electrolyte and making the reasonable 
assumption that A"C ~ A'C), 

and 

mr C" + AC 
i W u n i t = -ł- In c, _ ^ c ( 6 . 6 1) 

„ 1MT C"+AC 1MT 
Vunit = -p- In c, _ A C ł - ln 4, ( 6 . 6 2) 

where æ = C’jC". Letting J " = AC/C", 

Εφ/ηηη = ~^-{Δ" - 1η(ζ - A") + ln ζ} 

2 ^ Γ I ,„ , Α" , I /Α Ø Α" 1 / Α" \2 ) 
; ^ " + - { - + 5 ( χ ) + · · · | ( 6· 6 3> 

and it is clear that unless the series converges fairly rapidly, i.e., 

A" =ACjC" < C’jC" = ζ, 

the back emf due to polarization will be prohibitive. 
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D . ENERGY CONSUMPTION 

1. Principal Energy Sinks 

To summarize: the over-all efficiency of an electrodialysis stack η is 
the product of six principal, individually identified efficiencies—three 
voltage terms, ηβ , η κ , and η € , associated with the electrode reactions, 
the total resistance, and the polarization potential; and three current 
terms, η1Υί, η8 , and η ι υ, associated with manifold leakage, permselectivity, 
and water transport: 

V = VeVRVcVmVsVw · (6.64) 

The first and the fourth of these are primarily functions of the stack 
design (number of cell pairs, manifold configuration, etc.); the second 
term depends on design factors such as cell spacing and membrane 
thickness and on operating conditions; the third term depends primarily 
on the operating conditions—salinity and current density; while the 
fifth and sixth terms are mainly functions of the membrane selected. 
The major inefficiency in stack operation is associated with ηΕηα ; the 
product ηβη9η is seldom less than 0.9 for any reasonable design, and it 
is quite clear from an examination of Eq. (6.64) that improving the 
Faraday efficiency (=ητηη8) will not do much for any design in which 
we have not carefully minimized Joule heating and concentration 
polarization losses. 

2. Additional Energy Sinks and Other Factors That 
Affect Economic Efficiency 

The stack efficiency η defined above does not complete the description 
by any means. First, this term only describes how well a given stack 
meets a particular design target. Actual operation requires feed in excess 
of the product and results in the creation of a waste stream of concentra
tion Cc . Any expense or cost involved in supplying the extra feed water 
which is discharged, or in disposing of the waste, will have an adverse 
effect on the economics of the process. Second, to reduce polarization 
problems, conventional design procedures (see Section V) usually lead 
to the selection of high-rate pumps to ensure adequate fluid circulation, 
and the power consumed by the pumps is often significant. Finally, 
we must make some allowance for power consumed by instrumentation 
and control. It goes without saying that any possible current leakage 
paths external to the electrodialysis compartments and manifolds must 
be carefully eliminated. 
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V* Process and Equipment Design 

A. CONVENTIONAL ELECTRODIALYSIS 

Conventional electrodialysis systems, which are characterized by an 
alternating array of cation- and anion-permeable membranes and the 
use of forced fluid flow to minimize the adverse effects of polarization, 
are designed mainly on the basis of material balances between the various 
process streams. The stacks for use in such systems must be built to 
maintain reasonable invariance in the physical structure of the membrane 
array and in the flow rates in the individual cells defined by the mem
branes. Additional process control is required to compensate both for 
gradual long-term changes in the membrane characteristics and also for 
shorter-term variations in the feed-water characteristics. 

1. Relationship between Process Streams 

a. Material Balances. In the solution compartments or * 'cells,'' which 
are bounded on the anode side by an anion-selective membrane and on 
the cathode side by a cation-selective membrane, "dilution" or deminer-
alization occurs at both membrane-solution interfaces. Under the 
forced-flow conditions imposed in conventional electrodialysis, relatively 
rapid mixing of the main flowing stream and the depleted boundary 
layers gives an averaged effect in which demineralization is simply a 
function of the average residence time of the solution in the cell and the 
total current passed through the solution during the residence period, i.e., 

˜˝ *  = ßßØª^• (6•65) 

The proportionality constant î  is the net current utilization factor for 
the cell or membrane pair, as defined in Section IV. A completely 
analogous situation holds for the increase in salinity in the concentrating 
compartments, which, of course, are bounded on the anode side by 
cation-permeable membranes and on the cathode side by anion-permeable 
membranes. 

In most "cell" and stack designs, a serious effort will have been 
made to minimize the current that will flow through the manifolding 
system and to eliminate other stray leakage paths. It is therefore safe 
to assume that the total current that flows through adjacent concentrating 
and diluting compartments is the same. Since the average values of î É for 
both the dilute and concentrating compartments in an alternative series 
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must be the same, the ratio of the concentration changes is inversely 
proportional to the ratio of dilute and concentrate flow rates: 

ΔΝα Fc 

ΔΝΰ Fd' 
(6.66) 

Deviations from this simple relationship are usually minor and can 
generally be attributed to the water transfer which accompanies the 
transfer of salt. Significant discrepancies are usually a sign that gross 
electrical or hydraulic leaks have developed in the manifolding or 
sealing system. 

b. Selective Demineralization. In the electrodialytic treatment of 
typical waters containing a variety of dissolved salts, careful analysis of 
the total compositions of all streams will frequently reveal that the ions 
are not transported at relative rates that are proportional to their con
centrations. The material balance for each ion may be expressed as 

4§7 = ft- <*"> 
The selectivity arises as follows. The composition transported through 

the membrane depends on the ions present, their concentrations, and 
their mobilities. The equivalent conductances, and therefore the 
mobilities, of the ions are all very similar; however, the equilibrium 
concentrations of the exchangeable ions are determined by the factors 
(mainly charge) which influence the distribution of species between a 
mixed salt solution and a typical ion exchange resin. This means that 
the equilibrium concentrations of the multivalent ions in the membranes 
will be many times their concentrations in the surrounding solutions, 
and at low current densities we can expect that the current through the 
membrane will be carried mainly by the multivalent ions. 

At high current densities, on the other hand, the relative concentration 
of the exchangeable ions in the membrane will be determined by kinetic 
factors, that is, by the relative rate at which they diffuse from the solution 
to the membrane-solution interface. Since the diffusion coefficients of 
most salts in aqueous solution are ~ 1 ··· 2 X 10~ 5 cm2/sec, we can 
expect that at a high current density the concentration ratios of the 
counter ions in the membrane will be nearly the same as the ratios that 
prevail in the surrounding solution. The situation is much like the 
particle control vs. film control phenomena that has long been known in 
connection with the rate of uptake of ions by ion exchange resin particles. 
Helfferich (1962) has recently summarized work on this problem. The 
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extent of electrodialytic transport separation as a function of current 
density, as reported recently by Goldring (1964), is shown in Fig. 6.12. 

These effects are particularly important in the treatment of "hard" 
waters, i.e., waters having a high concentration of magnesium and 
calcium ions, because divalent cations are usually transferred at higher 

F I G . 6 . 1 2 . Selective transport of calcium across cation exchange membrane. Equival
ents of calcium transported per equivalent of sodium transported from equinormal 
calcium and sodium chloride solutions. [Goldring ( 1 9 6 4 ) . ] 

rates than monovalent ions. Typical demineralization data obtained in 
the treatment of brackish water, as reported by Katz (1963), are given in 
Table 6.2. It will be noted here that the total hardness was reduced by a 
factor of 15, while the total dissolved solids were reduced by a factor of 5. 
The result, with regard to the product water, is a softening effect. In the 
concentrating compartments, on the other hand, the problem of calcium 
carbonate, calcium sulphate, and magnesium hydroxide scale formation 
is enhanced. The complete ionic material balance, including the effects 
of hydrogen and hydroxyl ion formation from water dissociation, under 
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conditions of anticipated use is, therefore, the major process design factor 
for conventional electrodialysis. 

T A B L E 6.2 

T Y P I C A L EXAMPLE OF THE SOFTENING OF W A T E R DURING DEMINERALIZATION B Y 

ELECTRODIALYSIS 

Raw well Product 
water water % remaining 
(ppm) (ppm) 

Sod ium as Na 6 7 0 145 2 1 . 7 
Calcium as Ca 128 9 7.7 
Magnesium as M g 16 1 6.0 
Total hardness as C a C 0 3 385 2 4 6.2 
Chloride as Cl 1 1 2 0 2 0 7 18.5 
Sulfate as S 0 4 161 12 7.5 
Bicarbonate as H C 0 3 6 6 22 33 .0 
Nitrates as N O s 4 1 — 
Fluorides as F 1 .84 0 .88 47 .8 
Total dissolved solids 2 1 6 3 398 18.3 

(by summation) 

c. Current Reversal and Pulsing. The symmetry of the alternating 
anion- and cation-selective membrane system made it obvious to the 
earliest investigators that reversing the polarity of the applied d.c. 
current automatically interchanged the function of adjacent diluting and 
concentrating compartments. Wherever the membranes were suspected 
of producing a sieve or filtering effect, rather than acting as a pure ion-
transfer medium, current reversal was practiced on a periodic basis in an 
attempt to discharge electromechanically entrapped colloids and/or 
macromolecules to restore the original membrane properties. Although 
the effectiveness of this procedure depends on the type of membrane 
and the nature of the contaminants that foul it, the reversal of hydrogen 
and hydroxyl ion transfer and the accompanying interchange of pH 
effects at the membrane surface is probably the significant defouling 
factor. 

When polarity reversal is included in the design of conventional 
electrodialysis equipment, electrical reversal equipment, hydraulic inter
change piping, and bifunctional electrodes must also be included. The 
added costs of these refinements have to be balanced against the expense 
of more frequent stack disassembly, in situ chemical cleaning, improved 
feed-water pretreatment, etc., otherwise required. 



246 L . Η . SHAFFER AND Μ . S . M I N T Z 

A closely related method for attacking the scale problem is pulsing. 
In this we include both short periods of either current reversal or current 
interruption (Matz et al.y 1962). This technique tends to alleviate scaling 
problems and also apparently improves the efficiency of an operating 
electrodialysis stack. At first glance it is surprising to find that pulsing 
has any effect other than a net reduction of the average current passed; 
the fact that it does must necessarily be attributed to inherent non-
linearities in the system. Spiegler (1961) has presented a partial explana
tion in terms of the nature of the transient currents in an electrodialysis 
system. He has further pointed out that since supersaturation must 
generally exist for some definite time before precipitation occurs, scale 
formation can probably be avoided if the condition is relieved at frequent 
but brief intervals. 

d. Electrode Reactions. Throughout the diluting and concentrating 
cells of an electrodialysis stack, and in the intervening membranes, 
electrical conduction is ionic, i.e., there is relative motion of one equiv
alent of cations past one equivalent of anions for each faraday of elec
tricity passed. The relative movement of charges as carried by the ions is 
in fact the current itself. At the electrodes, however, the mechanism of 
electrical conduction changes abruptly from ionic to electronic. Using 
noble metal electrodes, such as platinum, this transition is accomplished 
by the addition (or subtraction) of electrons to (or from) the ions present 
in the solution. For example, in a typical naturally occurring brine such 
as sea water, chloride ions may be oxidized at the anode to produce 
hypochlorite: 

CI- + 20H- - 2e- OC1" + H20 E0 = 0.94 volt. (6.68) 

Or, in acidic media chlorine gas will be released, 

CI" - e~ -> £Cla(£) E0 = 1.35 volts. (6.69) 

A portion of the chloride oxidized at the anode will be carried out of the 
cell in the anode rinse stream (usually referred to as the "anolyte"), and 
a portion may escape as chlorine gas. Chlorine remaining in the solution 
will eventually form an equilibrium mixture according to 

Cl2 + H 20 = HC1 + HOC1. (6.70) 

In many situations, and most particularly in a high-sulfate, low-
chloride water, we will find that the anode reaction discharges oxygen 
from the water with the simultaneous production of hydrogen ions: 

H 20 - 2e~ -* £θ 2 + 2H+ E0 = 1.23 volts. (6.71) 
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Typical brackish water contains significant amounts of both chloride and 
sulfate, and frequently both chlorine and oxygen are evolved simul
taneously. W e cannot predict the relative amounts of each with any 
degree of success because the reactions are principally controlled by 
electrode kinetics rather than by any considerations of electrode potential. 
Any or all of the reactions listed above, or further reactions that produce 
even more highly oxidized products, such as C10 4~ , may occur, 
depending on local current densities and the nature of the electrode 
surface. If noble metal electrodes are not used, the anode reaction will 
also include the oxidative products of the electrodes. Iron or steel anodes, 
for example, will produce iron oxides in various degrees, and carbon 
anodes will produce carbon dioxide. 

The principal cations present in typical brine are much less readily 
discharged than hydrogen ion, and the net result of this is that the 
cathode reaction is almost invariably the cathodic half of the water 
electrolysis reaction: 

2H20 + 2e~ -> H2 + 20H" E0 = 0. (6.72) 

Heavy metal ions such as copper and iron may plate out on the cathode, 
and, in addition, the shift in pH caused by the cathode reaction may 
cause the precipitation of a variety of substances that may foul the 
system. The principal problems are apt to be due to C a C 0 3 , M g ( O H ) 2, 
and Fe(OH) 3 . 

The electrode reactions necessarily associated with electrodialysis 
operation introduce two problems: first, added power must be supplied 
to provide the electrode reaction energy; second, the products of the 
electrode reactions may be harmful to the electrodialysis stacks or may 
interfere with the continued operation of the system. The first of these, 
and the relative ease with which it may be minimized, has already been 
discussed; the second is more complicated and there is no single simple 
solution. 

W e can expect that the chlorine or other oxidizing materials formed at 
the anode may cause rapid deterioration of the stack components; 
and the alkaline cathode material, if allowed to enter the stack, is obviously 
likely to produce precipitation. Because of this it is usual to provide for 
hydraulic isolation of the two electrode stream compartments at the 
ends of the dialysis stacks. Frequently isolation of these streams plus 
a high rate of flushing with feed water is all that is attempted by way of 
controlling the possible harmful effects of the electrode reaction products. 
The use of sodium bisulfite in the anode rinse stream, to avoid the 
formation of chlorine, has been described by Wiechers (1954). The 



248 L . Η . SHAFFER AND Μ . S . M I N T Z 

catholyte basicity can be controlled by the addition of inorganic acids to 
the cathode stream. 

Several more nearly closed systems have also been tried or proposed. 
In principle we could circulate sodium sulfate or sulfuric acid in the 
anolyte-catholyte system and limit the reactions to oxygen and hydrogen 
generation. If this were all that happened, electrolyte volume could be 
maintained by adding very small quantities of pure water from time to 
time or by reacting the two gases. An even more subtle approach has 
been suggested by Roberts (1957b), who has patented the circulation of 
a redox solution between the two compartments. The oxidation at the 
anode and the reduction at the cathode theoretically balance each other 
in this case. Unfortunately, none of these * Closed'' schemes work too 
well in practice because it is difficult to confine a given ion to a particular 
stream. Either the materials in the electrode stream tend to diffuse into 
the remainder of the cell or vice versa, and in either case problems of 
oxidation, pH shift, and fouling inevitably arise. 

e. Co-current and Counter current Flow Systems. To avoid large 
pressure differences across the membranes, it is customary to arrange 
for the dilute and the concentrate streams to flow through the stack in 
a co-current fashion. In stacks in which the membranes are deployed 
vertically, co-current upward flow has the further advantage of assisting 
in the release of dissolved gases from the feed solutions. When a single 
pass through a membrane stack is sufficient to achieve the desired 
demineralization, the co-current flow system will also simplify the inlet 
piping and manifolding. The only apparent disadvantage to this system 
is the divergence of the concentrations in the dilute and the concentrate 
streams. To avoid polarization and precipitation problems it is common, 
in multistack systems, to arrange for countercurrent flow between the 
stacks [Fig. 6.15(a)]. A simplification in piping can be achieved by 
connecting all the concentrate streams in parallel [Fig. 6.15(b)]. 

2. Cell and Stack Construction 

a. Stack Construction. Multicell electrodialysis stacks are normally 
built up of membrane sheets separated from each other by suitable 
gaskets. The distance between the sheets (the cell thickness) should be 
as small as possible, because water, even with salt in it, is not a very 
good conductor. In most designs some sort of spacer is introduced 
between the individual membrane sheets, both to assist in supporting 
the membrane and to help control the liquid flow distribution. The 
stacks for conventional and for cation-neutral membrane processes are 
assembled in the same fashion as a plate-and-frame filter press, the 
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gaskets corresponding to the frames and the membrane sheets to the 
plate. The gaskets are usually about 1 mm thick and are made of poly
ethylene, plasticized polyvinyl chloride, or a similar plastic material. 
In addition to supporting the membrane, the gasket provides the peri
pheral seal for the individual compartments in the stack assembly. 

The manifolds that are needed to distribute the process fluids to the 
various compartments are formed by ingenious patterns of mating holes 
and slots punched in the gaskets, and sometimes the membranes them
selves, prior to assembly of the stack. In the T N O cell design(van Hoek 
and Wiechers, 1956), the peripheral gasket is a simple rubber strip. The 
manifold and flow distribution components are located within the 
peripheral gasket in a manner which creates internal "floating" manifolds 
that are independent of the outer seal. This rather complex design is 
intended to improve the sealing between adjacent diluting and con
centrating compartments. 

Perhaps one of the most serious design problems for multimembrane 
stacks is that of assuring uniform flow distribution to the various 
compartments. In principle it would seem that precision punched or 
machined gaskets of uniform thickness could be readily aligned in the 
fashion of a plate-and-frame filter press to produce smooth manifold 
holes. And if the calculated fluid-pressure drop through these manifold 
holes were small, the symmetry of cell design would be expected to 
yield virtually identical flow rates from cell to cell in a parallel flow 
system. In practice, thin, compressible plastic materials are used to 
obtain satisfactory hydraulic seals. Normal variations in gauge, and the 
flexibility of the membranes themselves, produce hydraulic circuits with 
considerable variance. The polarization design parameter developed in 
the laboratory for single cells must, therefore, be significantly derated 
for practical stacks of present-day construction. The S A C S I R group 
(Wilson, 1960) made a rather extensive study of flow distribution from 
cell to cell as a function of manifold hole design and flow connections 
to the manifolds. The study helped to show how some improvement 
could be achieved by careful manifold design, but voltage measurements 
across cell groups were still indicative of erratic flow distribution. 

b. Cell Design. In the forced-flow type of dialysis systems, the flow 
pattern within each compartment (i.e., between any two successive 
membranes) is determined by the configuration of the spacer element 
used between the membranes. Two distinctly different flow arrangements 
are often used. One is known as the tortuous-path design; the other 
makes use of the sheet-flow principle. 

Electrodialysis equipment utilizing the tortuous-path principle has been 
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described by Rosenberg (1955). In this type of equipment, the membrane 
spacer and gasket has a long, serpentine cutout, which defines the 
fluid path. The objective of the tortuous-path design is to provide a 
long residence time for the solution in each cell in spite of the high 
linear velocity that is required to limit polarization effects. A tortuous-
path spacer of recent design is shown in Fig. 6 .13. 

F I G . 6 . 13 . Tortuous-path spacer. [Courtesy Ionics, Inc.] 

In cell designs employing the sheet-flow principle, the spacer and 
the supporting structure are frequently independent elements. A 
peripheral gasket provides the outer seal and may also include manifold 
ports and slots for fluid distribution in the cell, while the active portions 
of the membrane surfaces are separated by plastic screens of various 
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designs. The entire active portion of the cell is, therefore, a single fluid 
path, but the intricacy of the separator screens produces the fluid 
eddying that is necessary to limit polarization effects. The use of a 
screen as a separate component also introduces flow channeling between 
the screen and the peripheral gasket. The very nature of most of the 
screens used to date precludes the possibility of a precision fit and, 
therefore, makes the degree of channeling an unknown variable. The 
wider the cell, of course, the less significant will be the effect of this 
channeling. The outer gaskets for this type of cell are also of the order 
of 1 mm in thickness and may be made of rubber or other somewhat 
resilient plastic materials. 

F I G . 6 . 14 . Expanded P V C separator. 
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The screens are approximately the same thickness as the outer gaskets, 
allowance being made for the compression of the outer gaskets during 
stack assembly. One of the earliest types of screen materials used was a 
perforated corrugated poly vinyl chloride sheet as described by van Hoek 
(1956). Other types of screens that are in use are produced by slitting and 
expanding plastic sheet materials as described by Williams and Salmon 
(1931) , or are formed by extruding hot thermoplastic fibers across each 
other as described by Roberts and Rogers (1963). A typical expanded 
mesh plastic screen is shown in Fig. 6.14. In the cells used by the Asahi 
Glass Company for the Office of Saline Water's demonstration plant in 
Webster, South Dakota, large, mesh-woven screens with dissimilar 
warp-and-weave fiber patterns were used as the separators (OSW, 1962, 
p. 81) . 

In cells using the sheet-flow principle, the problem of providing for 
uniform flow distribution across the width of the cell arises. Screen 
designs in which the resistance to flow along the demineralization path 
or length of the cell is much greater than that for flow across the width 
of the cell will, in principle, provide uniform flow distribution. However, 
conventional designs in which the inlet and outlet manifold ports are 
at the ends of the cells usually have the dilute- and concentrate-stream 
ports in alternating order: this results in nonuniform flow introduction 
to the cells and imposes a heavier duty on the screen function. In an 
effort to overcome this problem and utilize the periphery of a stack to 
greater advantage, some cross-flow designs have been proposed. In these 
oells, the dilute and concentrate streams flow at right angles to each other 
(Permutit, Ltd., 1960b) and the manifolds for each stream are more 
isolated from each other. 

c. Cell and Stack Size. In conventional and neutral membrane 
electrodialysis, cell dimensions are limited only by the availability of 
suitably sized membrane sheets and the practicality of handling the 
gasket and membrane materials. The 26-by-84-inch cells built by the 
South African Council for Scientific and Industrial Research are the 
largest reported to date. 

Just as the size of electrodialysis cells is in part limited by convenience 
in handling, the number of cells in a stack is mainly limited by the 
practical considerations of assembly and maintenance requirements. 
Since the failure of a single membrane can seriously impair stack 
performance, the number of membranes in a stack is limited by the life 
or reliability of the membranes and the anticipated frequency of other 
service requirements. The requirements for staging, discussed more 
fully under performance equations, also make it desirable in some cases 
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to have several small modular-size stacks rather than one large one. 
Both the T N O and S A C S I R groups have attacked this problem by using 
several small subassemblies or "packs" containing about 50 cell pairs 
(100 membranes), and arranging as many as 10 of these packs in series in 
a single clamping press. A single set of electrodes may be used for the 
entire assembly, or several electrodes may be used to provide electrical 
staging. 

d. Staging (Internal and External). Since the flow rates used through 
cells of both the tortuous-path and sheet-flow designs must be relatively 
high to prevent excessive polarization, the degree of demineralization 
achieved in a single pass is usually less than that required to make the 
desired product water. The most obvious way to achieve further 
demineralization is to pass the product water through a second stack, 
as shown in Fig. 6 .15. This provides some flexibility in the treatment of 
the various streams. 

The flow of concentrate from stack to stack may be either co-current 
or countercurrent with respect to the flow of diluate, or the concentrate 
may enter all stacks in parallel. These alternatives are independent of 
the various possibilities for handling the relative flow of diluate and 
concentrate within each stack. Further, if successive stacks having 
the same total flow do not have the same number of cell pairs, 
the average solution velocities will vary. This feature may be used 
to advantage to alleviate polarization problems by increasing the 
velocity of the dilute stream as it passes through the system (Katz, 
1954). 

The complete physical separation of stacks is not essential to achieve 
staging. T w o or more groups of cells, each with their own set of electrodes, 
may be contained within the same clamping press. From the process 
point of view, these stages are electrically independent, and when several 
are interconnected to obtain successive degrees of demineralization, the 
technique is referred to as external staging. On the other hand, if the 
cells are connected so that the fluid being demineralized makes several 
passes between a single set of electrodes, that is, the stream is subjected 
to the same current more than once, the technique is called internal 
staging and is illustrated in Fig. 6.16. A system of this type in which 
all the diluting cells were hydraulically in series was used for early 
experimental work by Rohm & Haas (1952). Permutit, Ltd. (1957) later 
refined this technique by arranging groups of cells in series-parallel. 
In this way a suitable depolarization velocity can be achieved in each 
group of cells in accordance with the salinity level of each stage, even 
though the current level is the same. 
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F I G . 6 . 1 5 . Multistack continuous-electrodialysis system, (a) Countercurrent flow 
between stacks; (b) all concentrate streams in parallel, f, feed; p, product; c, concentrate. 
For large-scale applications of electrodialysis in which the desired capacity or deminerali-
zation range is well beyond the capabilities of a single or modular-size membrane stack, 
suitable combinations of stacks in parallel and series can readily meet the desired specifica
tions. Arranging membrane stacks hydraulically in series will permit progressively higher 
over-all demineralization ranges. Advantages: Minimum pipe and valve size; minimum 
control instrumentation; no recirculation reservoir; minimum power requirements; 
stage voltages readily adjusted to conform with actual stack resistances; all membranes 
operate at a single steady-state concentration. Disadvantages: Production rate must be 
balanced with flow velocity; feed-water salinity or temperature changes require plant 
adjustment; process is sensitive to changes in flow rate; increasing membrane resistance 
may put plant out of operation. [Mintz ( 1 9 6 3 ) . ] 
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F I G . 6 . 1 6 . Internally staged stack design, f, feed; p, product; c, concentrate. At low 
production rates it often appears uneconomical to provide either the recirculating pumps 
necessary for the batch and feed-and-bleed processes, or the separate electrodes and 
interconnecting piping necessary for a multistack continuous process. Under these 
conditions, a stack design comprising several internal stages may be used. Advantages: 
No repressurizing pumps; high-desalination range; single set of electrodes; single operat
ing voltage; product flow is continuous. Disadvantages: Large membrane area per unit 
of product; high operating pressure; performance sensitive to variations in flow rate and 
membrane resistance. [Mintz ( 1 9 6 3 . ] 

3. Demineralization Systems 

a. Continuous Processes (Multistage and Feed-and-Bleed). As in most 
chemical separations, demineralization of water by electrodialysis can be 
achieved using either continuous or batch-type operation. Unlike 
desalination processes in which there is a change in state, the ambient-
temperature low-pressure conditions for electrodialysis processes makes 
both batch and continuous methods feasible. It is only by judicious 
balancing of technical and economic factors surrounding the state of 
the art that the most suitable system for a given application can be 
selected. 

In its simplest form, the continuous process comprises one or more 
cells through which the water being demineralized is passed only once. 
The degree of demineralization achieved is a simple function of solution 
residence time and applied current. If the water to be treated were of 
constant composition and temperature, and if membrane properties and 
intracell flow conditions were similarly invariant, the multistack type of 
continuous process would be the ultimate choice for large-scale plants 
utilizing conventional electrodialysis. In practice, however, changes in 
feed-water composition and temperature, and changes in physical and 
electrochemical properties of the membrane, make it necessary to 
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provide rigorous control of operating parameters to maintain a constant-
quality product water. 

Another process which can be classed as continuous because it does, 
in fact, give a continuous product, is that referred to in the United States 
as the feed-and-bleed process (Fig. 6.17). The production rate and the 

F I G . 6 . 1 7 . Feed-and-bleed flow sheet, f, feed; p, product ; c, concentrate. For small 
demineralization ranges or where large changes in feed-solution concentration are en
countered and a continuous product flow is desired, a feed-and-bleed process is sometimes 
used. A n y conventional multicell stack may be used in this process. Advantages: Provides 
continuous product ; process may be adapted to feed water of any salinity; membranes 
are at a single steady-state condit ion; variation in performance is readily observed; 
min imum absolute current density. Disadvantages: Highest power consumption; recircula
tion system requires sensitive instrumentat ion; largest recirculation rate. [Mintz ( 1 9 6 3 ) . ] 

recirculation rate are independent of each other in this kind of system. 
Depolarization velocity and current density may therefore be monitored 
separately from product quality. The latter in turn is independently 
varied by control of the feed-and-bleed rate. It is possible with this type 
of system to produce high-quality drinking water directly from sea water, 
but the energy requirements are quite high. On the other hand, several 
feed-and-bleed loops may be connected in series when handling high-
salinity feed waters. Each loop would operate at a successively lower 
salinity level, but the total number of such loops could be significantly 
smaller than the number of stages required in a multistage system. 

b. Batch Processes (with and without Mixing). In a batch recircula
tion process, a fixed volume of feed water is pumped from a holding 
tank through a membrane stack and back to temporary storage until the 
desired degree of demineralization is achieved. The power requirement 
for such a process is largely dependent on whether the intermediate 
product leaving the stack at any given time is mixed with the water in 
temporary storage. In the system shown in Fig. 6.18, two tanks serve 
alternately as feed and product reservoirs, and the stack serves the 
function of each stage successively in the equivalent multistack process. 
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F I G . 6 . 1 8 . Batch-recirculation flow sheet, f, feed; p, product ; c, concentrate. In a 
batch-recirculation process, a fixed vo lume of feed water is pumped from a holding tank 
through a membrane stack and back to the holding tank until the desired degree of 
demineralization is achieved. T h e power requirement for such a process is largely de
pendent on whether or not the intermediate product leaving the stack at any given time 
is mixed with the water in the holding tank. Since various degrees of mixing are possible, 
it is most convenient to consider the extreme cases of no mixing and complete mixing. 
T h e case of no mixing can be achieved in practice by using two holding tanks and having 
them serve alternately as feed and product reservoirs. Advantages: Opt imum velocity 
is independent of production rate; changes in feed-water salinity or temperature only 
modify the production rate; variations in recirculation rate do not affect per formance; 
changes in membrane properties only affect production rate. Disadvantages: Larger pipe, 
valve, and p u m p sizes; higher power requirement and sometimes higher average power 
requirement ; greater degree of instrumentat ion; recirculation tank required; membranes 
are never at equi l ibr ium; variable current density through membranes ; performance 
difficult to evaluate. [Mintz ( 1 9 6 3 ) . ] 

The superficial complexity of such an arrangement is offset by the 
practical advantages of having the recirculation rate independent of the 
production rate, and having, in effect, an infinite number of stages 
available to compensate for process variables. 

Single-tank batch recirculation systems are sometimes used. In such 
systems a certain amount of mixing will occur in the holding tank, but 
the simplification in the piping may well warrant it. The intermittent 
discharge feature of batch processes is probably unimportant for most 
water-desalination applications because the rate of water use is seldom 
constant, and an intermediate reservoir will usually be required in any 
event. The most significant feature of a batch process for electrodialytic 
demineralization is that it will yield a constant-quality product with 
minimum control in spite of numerous process variables. 
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4. Process Variables and Controls 

a. Voltage and Current Control. The requirement for d.c. power in 
electrodialysis imposes some practical limitations in process design and 
selection. Our inability to transform or alter d.c. voltages readily makes 
operation at a single constant voltage desirable. Anticipated variation in 
feed-water salinity and temperature and stack resistance also tend to 
magnify the safety factors and versatility which must be built into 
rectification equipment. One way in which multistack plants can be 
designed to utilize a single voltage is to vary the number of cells in each 
stack or subpack. Another method of utilizing one voltage is to rectify 
to the highest voltage necessary and use rheostats to reduce the voltage 
where necessary. The costs incurred in wasted electrical power must be 
balanced against those of the initial investment for multiple rectifiers. 

For batch recirculation systems, it has also been shown that the voltage 
programming as a function of salinity level can maximize the production 
rate of a given electrodialysis stack (Tye, 1963). Here again, only if 
the feed-water and membrane characteristics were invariant would 
complete programming be warranted. T w o - or three-step voltage control, 
on the other hand, may be used to advantage to reduce polarization effects 
when a high-purity product is desired. 

Constant-current systems are attractive as a method of assuring 
constant demineralization, but this will be true only if the feed composi
tion and the over-all efficiency of the stack remain constant. They are 
usually impractical for use with batch recirculation system, which operate 
over a wide salinity range. A constant-current power supply using series 
resistors is suitable for small units, but it would be quite wasteful of 
energy in a large plant. 

When extensive process control is required, it is usually most practical 
to base the controls on constant product quality, and to have both the 
voltage and the current varied as necessary. The methods of achieving 
this type of control are discussed more fully under Instrumentation, 
below. 

b. Major Process Variables (Salinity, Temperature, Resistance). 
Variations in feed-water composition and temperature are particularly 
significant in electrodialytic demineralization systems. The brackish 
waters for which electrodialysis processes are most eminently suited tend 
to vary considerably in salinity, depending on precipitation conditions 
in the watersheds and the water-withdrawal rate. Sea-water composition 
will similarly vary when the source is a coastal area in the vicinity of a 
river mouth. Allowance for these salinity variations requires the use of 
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oversize stacks, as well as additional rectifier capacity, because of 
polarization limitations. 

The electrical conductivity of saline water is a rather strong function 
of temperature (approximately 2 % per °C). The voltage requirement 
for a given current will vary inversely with temperature changes. In 
addition to conductivity variation, the change in viscosity of water with 
temperature also implies changes in polarization limits and some change 
in pumping-energy requirements. 

Other variations in feed-water quality, such as saturation index 
(Langelier, 1936), turbidity, color and odor, dissolved iron, and colloidal 
silica, may have more subtle effects on the performance and economics 
of the conventional electrodialysis process, but they will in general be 
considered as part of the pretreatment requirements. Some allowance 
must be made for a gradual increase in stack resistance with time, at 
least until the state of the art advances to a point at which the long-term 
structural chemistry of ion exchange membranes is more clearly under
stood. 

c. Instrumentation. When the objective of the electrodialysis process 
is the production of a potable water of specified salinity, regardless of 
feed salinity, the most common method of quality and process control 
is by means of conductivity sensing equipment. With proper product-
water temperature compensation, simultaneous pH monitoring, and 
calibration with a typical product water, conductivity measurements of 
salinity may be within 10 % of that determined by analysis. 

For a continuous process, the first degree of instrumentation would 
entail no more than the use of a light or alarm to indicate excess product 
salinity. A similar alarm could be used for abnormally low salinity, but 
this is seldom a problem. Further control could entail automatic plant 
shutdown and/or product diversion to waste when the product salinity 
is too high. Automatic voltage control from conductivity feed-back 
signals would be desirable, but this type of system would have to 
operate within polarization-limited voltages. The same type of control 
limitation would apply if, instead, the product flow rate were varied in 
an inverse relation to product salinity. Feed-back instrumentation is not 
ordinarily used, because major changes in the process variables are 
usually beyond the design tolerances, and the cause of the change must 
be ascertained to prevent damage to the system. Flow control per se is 
vital to the continuous process and may be achieved by most conventional 
means, such as flow switches, flow regulators, and flow meters with 
transducers and feed-back circuits to proportioning valves. 

Batch processes require little more than the conductivity-sensor and 
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on-off controls. Recirculation is continued at any voltage, current, or 
salinity level until the desired product salinity is reached. At that time 
the product flow is diverted to storage by actuating a three-way valve or 
its equivalent. A liquid-level control in the holding tank actuates a feed 
valve when the tank is nearly empty, and recirculation will be resumed 
when the conductivity-sensing element detects saline water coming out 
of the stack. The use of a conductivity sensor to initiate the batch recircu
lation and discharge functions guarantees a product water of the desired 
salinity, but does not control the time required for the desalination. At 
a constant stack voltage, therefore, variations in feed-water salinity or 
temperature will cause corresponding variations in batch cycle time. 
Similar feed-water variations in a continuous process would not alter 
the product flow rate but would yield a product of varying salinity. A 
conductivity sensor alone in the latter case can do little more than sound 
an alarm or divert the product water when its salinity is above specifica
tions. Since the product water is usually stored for subsequent use, 
constant product salinity is more desirable than a constant production 
rate. 

Conductivity-indicating equipment may also be used at various points 
in both the product and waste streams of a multistage plant to permit 
material balances and to pinpoint local malfunctions. The combination 
of flowmeters and pressure gages will also permit diagnosis of stack 
clogging. 

Cell-to-cell performance within a stack is most difficult to evaluate. 
Platinum tabs are sometimes inserted at regular intervals in a stack to 
ascertain the uniformity of the voltage drop across groups of cells. 
Large variations will sometimes pinpoint a clogged cell. A dilute cell 
with little flow, for example, will usually develop a very high resistance 
as current is passed through it. Ruptured membranes, on the other 
hand, might be indicated by an abnormally low apparent resistance. 

J . Pre- And Posttreatment of Process Streams 

The presence in naturally occurring brines of suspended matter, 
colloidal and organic materials, soluble salts near their saturation levels, 
or materials readily oxidized to an insoluble state poses problems for 
all sorts of water-treatment systems, but many of the potential difficulties 
are particularly severe in electrodialysis systems. The thin compartments 
that are used to minimize total electrical resistance and the narrow 
manifold channels that are usually employed to reduce parallel current 
paths becomes traps for suspended particles that are permitted to reach 
them. Fine prefiltration is therefore essential. Since ferrous iron in the 
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feed water might be oxidized to the much less soluble ferric form during 
processing, it is usually desirable to preoxidize before filtration. 

Colloidal and organic matter tends to "poison" conventional electro
dialysis stacks. Most colloids, and polyanions such as the silicates, 
hydroxides of ferric iron, humic acid, etc., carry a net negative 
charge. These substances, therefore, collect on or in the anion exchange 
membranes. This causes a rise in stack resistance and frequently creates 
physical damage in the membrane structure. Therefore, when waters 
which contain colloids, detergents, organic degradation products, etc., 
are to be processed, pretreatment with activated carbon or with scavenger 
resins is required. 

Salts near their saturation level present another type of problem. Since 
the very nature of the electrodialysis process involves the transport of 
matter from one side of a membrane to another, the concentration of 
salts in the surface layer on the concentrate side of each membrane will 
be considerably higher than it is in either the feed solution or the bulk 
of the concentrate stream itself. A water containing significant quantities 
of calcium carbonate and bicarbonate is particularly likely to cause 
precipitation on the concentrate side of the anion membranes because 
polarization at this point results in the transport of hydroxyl ions into 
the concentrate stream. Supersaturation in itself does not guarantee 
precipitation, but the conditions in a membrane stack are not conducive 
to preventing it. The most common method of attacking this problem 
has been the acidification of either the concentrate stream or the entire 
feed stream before it enters the membrane stacks. 

Saturation with respect to calcium sulfate presents a more severe 
problem, because acidification has little effect on its solubility. Compared 
to distillation equipment, however, there is less of a problem in electro
dialysis systems, because they operate in a range of temperature in which 
the solubility is nearly constant, whereas distillation equipment operates 
in the region in which solubility decreases with increasing temperature. 
The maximum solubility of calcium sulfate occurs at about 100°F. 
Supersaturation studies by Lurie et al. ( 1961) indicate that there may 
be some critical residence time in a membrane stack during which 
supersaturation will persist, but operation under these conditions would 
be quite critical. Blowdown rates are usually adjusted to avoid any large 
degree of supersaturation. Waters saturated with respect to calcium 
sulfate ("gyp" waters) may even require presoftening before treatment 
in conventional electrodialysis equipment. 

It should be emphasized at this point that most raw waters require 
some pretreatment before they are suitable for domestic use. Frequently 
the normal pretreatments are adequate for the protection of electro-
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dialysis equipment; and, when this is the case, the cost of pretreatment 
should not be included in the cost of desalination. 

Posttreatment, on the other hand, is sometimes required because of 
the changes in pH brought about by the process itself. The product 
stream in particular will usually have a pH lower than that of the feed 
water, because of polarization at the anion membrane. Therefore, if the 
product water is to be fed into a municipal piping system, realkalization 
may be necessary. When the concentrate stream has been acidified to 
prevent precipitation within the cells, it too may require realkalization 
before disposal in rivers or streams. 

Chlorination of product water is also practiced as a posttreatment 
operation, rather than pretreatment, to prevent rapid oxidative degrada
tion of the membranes. 

B . CATION-SELECTIVE/NEUTRAL-MEMBRANE PROCESS 

Equipment for use in cation-neutral membrane processes is almost 
the same as that required for conventional electrodialysis, the principal 
difference being the replacement of the anion-permeable element by a 
neutral membrane. The general relationships between the process 
streams, the over-all cell and stack design, and the usable types of 
demineralization systems are unaffected by this substitution. Ideally, 
the neutral membrane should permit the flow of electric current between 
the stack compartments, while at the same time preventing any net 
transfer of salt or solvent. Various commercially available parchment 
and microporous filter papers have been investigated for this purpose. 
The use of a neutral membrane in place of the anion-permeable material 
has one apparent drawback and several advantages. With an ideal 
neutral membrane, the maximum desalting per stack compartment is 
/ X ( f + — T+)j^Fd instead of / X ( f + — τ + + τ_ — T _ ) / ^ F d , which 
holds for the conventional process. 8 For sodium chloride, τ + — τ + at 
best will be 0.6, while the sum τ + — τ + -f f _ — τ_ will approach 1. 
This suggests that more electrical power will have to be supplied per 
mole of salt removed, but this apparent disadvantage may be more than 
offset by the advantages of the neutral membrane, which are: it is 
cheaper than the anion membrane it replaces; it is not readily fouled by 
colloidal silica, large polyanions such as humic acid and detergents, etc.; 
and polarization problems are less severe when the anion-permeable 
material is replaced by a nonselective material. These factors may well 
outweigh any slight disadvantage of increased power consumption. 

8 Efficiency and current utilization are more fully discussed in Section IV. 
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The third item, perhaps, requires a further word of explanation. In 
conventional systems, polarization at the anion membrane will inevitably 
result in the transfer of hydroxyl ions to the most concentrated part of 
the concentrate stream, and since this usually results in fouling of the 
membranes as a result of scale formation, it must be avoided at all costs. 
Shifts in pH due to polarization at the cation-permeable membrane, 
however, will merely acidify the concentrate stream, and therefore it 
seems feasible to operate a cation-neutral membrane system at higher 
current densities than are allowable for the conventional process. This 
is an advantage because the operating current density (and power) for 
conventional electrodialysis systems is determined by the practical 
polarization limit, and generally this current is much lower than the 
current we would like to use to obtain the best balance between operating 
cost and capital cost. The possibilities inherent in this situation are 
attractive but have not been fully explored to date. 

C . ELECTROGRAVITATION 

Little is definitely known about the process equipment needed for 
electrogravitational processing. Presumably the material balances 
discussed in Section V , A will still apply, but the cell and stack con
struction may be much different. Since this is a convective process, the 
circulating pumps used with conventional and cation-neutral processes 
can be omitted, and it should be supposed that cell spacing will be 
considerably greater than is usual for the conventional process. The 
elimination of the circulating pumps should mean, among other things, 
that membrane strength requirements can be relaxed and further that 
problems associated with peripheral seals may be minimized. 

In electrogravitational apparatus, edge seals on the compartments are 
not actually necessary; desalting takes place to the extent that selective 
membrane interrupts the current path, and, while current leakage 
through holes or around edges may waste power, such leaks will not 
interfere with the operation of the system. The electrogravitational 
systems may, along with the neutral membrane process, be expected to 
consume more power per unit of desalting, but again this may be offset 
by possible advantages such as, for example, the extreme simplicity of 
the equipment. 

D . ALTERNATIVE METHODS 

In addition to the three electrodialysis systems already mentioned, 
it is apparent that many other combinations can be developed for 
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specific applications. Their common basis is mass transport across an 
ion-selective membrane. Instead of the cation-neutral membrane system, 
for example, we could just as well imagine an anion-neutral membrane 
system. And the neutral membrane could be replaced with membranes 
of all degrees of selectivity, as proposed by Permutit, Ltd. (1960a). Their 
selection is based on cost-life-economic considerations. Electrogravitional 
systems, too, can use anion membranes, anion and cation membranes, 
or neutral membrane "separators as desired. In any such systems there 
will always be some demineralization as long as there is ion transport 
through a surface which alters the ion transport number. 

Another series of interesting systems are those studied by Stoddard 
(1958) and Walters et al. (1955). In these systems the electrodialysis 
cells are filled with ion exchange resins. The passage of current through 
the liquid in the cell leaves the resin in a partially regenerated form. 
When saline water is introduced to the cell on an intermittent basis, 
there is simultaneous demineralization by both ion exchange and electro
dialysis, thus given the system a high surge capacity. It appears that 
exploration and exploitation of electrodialysis for water demineralization 
(as well as other separation processes) is still in its infancy and that 
significant technical developments in this field are inevitable. 

VL Development of Performance Equations 

A. ELECTRODIALYSIS SYSTEMS 

An actual electrodialysis system consists of one of the basic processes 
described in Section I combined with any one of a number of alternative 
methods of operation. The purposes of this section are: first, to develop 
performance equations which adequately characterize the various 
methods of operation; and second, to present them in a form that 
permits convenient technical and economic comparisons between the 
various possible systems. The principal methods of operation have been 
called (Mintz, 1963): continuous, batch recirculation (two variants), 
feed-and-bleed, and internally staged. A rough comparison of the 
merits of the various possible combinations of processes and methods 
can be achieved by considering plants of equal membrane area and 
product output. Further optimization of plant size and energy require
ments is then possible through the use of the power equation applicable 
to each process. Other operational refinements, such as the use of 
variable voltage, or heat exchange between the feed and product streams, 
are best considered in terms of their individual merits for each application. 
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In any particular application, only two sets of data are required for a 
substantial characterization of all possible methods of operation. First, 
the relation between solution concentration and membrane stack 
resistance must be found. Second, in forced-flow systems a relation must 
be established between maximum practical current density and solution 
velocity for a given cell design. The data should be obtained over the 
concentration range in question and at the solution temperatures likely 
to be encountered. The polarization limitation on current density will 
depend on the nature of the solution being treated, and, for design 
purposes, will usually be chosen with a liberal safety factor. The data 
required can be readily obtained by observing the over-all resistance of 
the electrodialysis unit as a function of flow rate and salinity. The 
limiting current density may be estimated from these data; in some 
cases it is possible to determine it by checking the process streams for 
pH changes. 

B . OPERATING PARAMETERS FOR ELECTRODIALYSIS STACKS 

1. Apparent Current Efficiency 

The performance of a multiple-chamber electrodialysis stack is best 
understood by considering a differential area of a single membrane pair 
across which a saline solution is flowing and through which a direct 
current is being passed, as illustrated in Fig. 6.19. The total current is 
related to the removal of salt from the dilute (product) stream by 

e9dA &ds &ds dl = = —— = ι , (6.73) 

where ds is the number of equivalents of salt transferred from the diluate 
to the concentrate, dl is electric current through the element, €π is the 
voltage across the unit of electrodialysis, Rn is the apparent resistance 
of the unit of electrodialysis, and the other symbols have the meanings 
previously assigned (and see the list of symbols). 

Equation (6.73) as written can be applied equally well to any of the 
major electrodialysis processes, provided ξ8 is reckoned in accordance 
with the definitions and discussion in Section IV, A. Thus, for a con
ventional electrodialysis stack containing nc cation and na anion mem
branes, 

f," = (ç�ô_ö0 + çÆô+öÆ) 

= nc{f+ - τ + ) + η«(τ_ - T_) , (6.74) 



266 L . Η . SHAFFER AND Μ . S . MINTZ 

C C ELECTROGRAVITIONAL 

FIG . 6.19. Current flow across a differential area in one cell pair of a multielement 
electrodialysis stack, (a) Conventional and cation/neutral process; (b) electrogravitational 
process. 

and, for processes which use cation membranes only, 

î ÷’ = „e(T+ - T +) . (6.75) 

Although these definitions are useful in calculating the removal of salt 
from the dilute stream in accordance with Eq. (6.29), they tend to be 
misleading when energy consumption is to be compared. The current 
utilization factor for the cation-neutral membrane process is the limiting 

CONVENTIONAL 
CATION/NEUTRAL 

(α) 

(b) 
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value that is obtainable when progressively poorer anion membranes are 
substituted in the conventional process. On the other hand, the efficiency 
of the process is given by Eq. (6.28) and (6.35) as 

VI = VsVwVm = (^cl^VwVm > (6.76) 

where η is the total number of selective membranes included in the 
system. Neither the efficiency nor the numerical size of the utilization 
factor alone can be taken as an indication of the economic merit of the 
system. Any conclusions regarding the utility of either the cation-neutral 
or the electrogravitational process must be based on an evaluation of 
their net energy costs and/or their net (economic) costs. 

The current utilization term ξΙ on the right side of Eq. (6.73) contains 
a term ητο due to water transference. W e shall confine our attention to 
systems in which ην) is near unity; it is then permissible to use the 
current utilization factor ξΙ and the faradaic utilization factor inter
changeably. In evaluating a conventional electrodialysis system, we are 
mainly interested in the current utilization per membrane pair. This 
may be taken as (number of equivalents of salt transferred)/(number of 
faradays passed through membrane pairs); for example, 

FFT ˜˝ 
£/  = �j , (6.77) 

where FT is the total flow rate of the product streams, ΔΝ is the change 
in product stream normality, nn is number of membrane pairs used in a 
conventional electrodialysis system, and / is the total current passed 
through the stack. Current utilization as defined here includes any effects 
due to membrane quality, as well as any electrical or hydraulic leakages. 

2. Resistance 

a. Practical Problems. Although the electrical resistances of electro
lytes are well known and the electrical resistances of membranes may be 
characterized quite accurately by a variety of laboratory techniques, the 
observed resistances in cells of practical design are not always accurately 
predictable from such data. The inclusion of screens, straps, or other 
turbulence promoters, and the use of complex liquid-distribution 
systems, make it difficult to determine how much of the membrane area 
is actually exposed. Further, for reasons that have already been discussed 
in Section IV, C, the effective cell thickness is greater than predicted 
from simple measurements of cell components. And, perhaps most 
important, the dynamic equilibrium condition of the membrane as used 
in a variety of natural saline waters is unknown. 
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For a cell of given design and membrane type, however, it is a relatively 
simple matter to use a laboratory model to obtain an empirical set of 
resistance values as a function of typical operating conditions. These 
values may then be used to prepare a full-scale plant design. For con
ventional electrodialysis equipment, this data may be expressed as the 
resistance of 1 cm 2 of one cell pair Rn , in ohm-cm 2, as a function of 
external solution concentrations. Further refinements of data of this 
type would include the effects of temperature, pH changes, and other 
process variables. 

b. Constant Equivalent Conductance. Although the actual correlation 
of cell-pair resistance with solution concentration may take the form of 
a polynomial power series, such as Rn = a + bN + cN2 ··· etc., or 
Rn = aNb as shown by Tye (1963), the development of basic per-
performance equations can best be presented by making two simplifying 
assumptions: first, the resistance of the stack is entirely controlled by 
the dilute solution concentration; second, the equivalent conductance of 
the dilute stream is constant. This means that the resistance of each 
element of a cell pair is controlled by, and is inversely proportional to, 
the average dilute stream concentration, 

= £ (6-78) 

where Nd is the normality of the dilute stream and a is an empirical 
constant for the system. The general justification for these approxima
tions has been given in Section IV, C; no insurmountable problems are 
involved in using the more complicated expressions for Rn when 
necessary. 

3. Polarization Limitations 

Although there is also no polarization "point" per se, practical 
polarization limits for each major type of design must be empirically 
established. Both theoretical considerations (Section IV) and practical 
tests have shown that, other conditions being equal, the polarization 
limit is a function of the ratio of current density to solution concentration, 
i.e., i/N in (mamp/cm2)/(equivalent/liter). 

The correlation between the limiting value of i/N and cell-flow rate 
will vary with cell design and can only be roughly predicted. For example, 
in a particular system, Rosenberg and Tirell (1957) estimated from 
hydrodynamic considerations that the boundary layer had a thickness 
of 0.006 cm. In the particular system under study, the cell had a tortuous 
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path spacer, the cell thickness was ~ 0 . 1 cm, and the superficial lineai 
velocity of the fluid was 7 cm/sec. An estimated boundary thickness was 
used to calculate a limiting value of i/N, and subsequent measurement* 
of pH change in the cell showed that the actual value of i/N was 480 
as compared to a calculated value of 550. 

C . DEMINERALIZATION AS A FUNCTION OF CELL LENGTH AND W I D T H 

The demineralization that can be achieved in a cell of given length, or, 
conversely, the cell length required for a desired degree of demineraliza
tion, can be derived by considering the relation between current and salt 
transfer over a differential area of a single cell pair, as given by Eq. (6.73). 
The relation between the rate of salt transfer ds, the product stream-flow 
rate Fy and the change in concentration of the diluate dNd is 

ds = -FdNd. (6.79) 

Substituting Eq. (6.79) in Eq. (6.73) gives 

d l ^ J L d A = _^FdN± 

Now, substituting Eq. (6.78) in Eq. (6.80) and integrating over the 
effective area of a single cell pair An and over the desired product stream 
desalination range, 

fcJ>—C# <«•> 
or 

ij4=- = R„Nd In ^ = R„Na ln q, (6.82) 

where the primed quantities refer to changes occurring in a single unit, 
and, for a system which contains only a single unit, q is identical with 
α as used in eq. (6.1). Rearranging Eq. (6.82) and substituting the 
product of width W and length L for effective cell area An gives 

- - ^ ( Τ ^ Γ Μ Τ ) 1 · <«*> 
Equation (6.83) may now be used to estimate the degree of demineraliza
tion as a function of cell dimension, average equivalent conductance, 
over-all current efficiency, and applied voltage. It should be noted that 
the ratio W/F is inversely proportional to linear velocity for any given 
cell thickness. 
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The ratio eJRnNd may also be expressed in terms of the current, 

1 ( 6 . 8 4 ) 

substituting Eq. (6.84) in Eq. (6.83): 

From the empirically determined relationship between the limiting 
value of i/Nd and linear velocity, useful ratios of i/Nd and WjF may now 
be chosen without recourse to resistance data or voltage requirements. 
As an example, Eq. (6.85) is plotted in Fig. 6.20 for a velocity of 
10 cm/sec in a cell having a 0 .1-cm thickness at an assumed current 
utilization factor of 0.90. 

F I G . 6 . 2 0 . Electrodialysis performance in single pass. Superficial velocity 1 0 cm/sec; 
cell thickness 0 . 1 c m ; current utilization 0 . 9 0 . T h e current density is in amperes per 
square centimeter. [Mintz ( 1 9 6 3 ) . ] 
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D . VOLTAGE AND POWER REQUIREMENTS 

1. Power per Cell Pair and Energy per Unit of Product 

The direct-current electrical power requirement for a single cell pair is 

P. = *J. (6.86) 

Solving Eq. (6.82) for e n gives 

. . . ( - κ * ^ ) l n , ( , 8 7 ) 

The current passing through the cell pair may also be expressed in 
terms of the product flow rate and its change in concentration as follows: 

Ι = ζ-F(Nf' -Νρ'). (6.88) 

Substituting Eqs. (6.87) and (6.88) in (6.85) gives the power per cell pair, 

Pwwatte) = �æ- (˝/  - JV,')(ln q) ( ^ f - ) � (6-89) 

Equation (6.89) expresses the power requirement on an absolute basis; 
to obtain the energy per unit of product, it is usually divided through 
by the flow rate, 

Υ ' = ΊΓ = Ί ϊ 7 { N /  ~ N»’){ln q) VJT~)’ ( 6 - 9 0) 

where U' (watt-sec/liter) is the energy actually required for desalina
tion. The value of U calculated in Eq. (6.1) is the minimum theoretical 
energy needed. To make comparisons convenient, we can re-express 
the actual requirement as 

t/"(kw-hr/1000 gal) = 2 5 . 4 ^ (N/ - iV,')(log q) ( ^ - ) , (6-91) 

where F' is expressed in gallons per hour and A' in square feet. Equa
tion (6.91) is particularly useful for estimating the power requirements 
for the desalination of brackish water, because the quantity R7TNJ$I

2 is 
nearly constant in dilute solutions. With appropriate unit conversions, 
the simplifying assumption of constant equivalent conductance, and the 
absorption of electrode overvoltage into € π , the equations developed 
by Rosenberg (1955), Winger et al. (1955), Spiegler (1956), and Wegelin 
(1960) can be put in the same form as Eq. (6.91). 



272 L. Η. SHAFFER AND Μ . S . M I N T Z 

2. Power Requirements for Various Methods of Operation 

a. Continuous. When two or more stacks are placed in series to 
achieve a greater degree of demineralization than could be achieved in a 
single pass through one stack, the total power requirement will, of 
course, be the sum of that for each stack, with the product from each 
stack becoming the feed for the next successive stack. Under these 
conditions, if the same voltage is applied to each stack and RnNd remains 
substantially constant, the degree of demineralization N/jNp will be 
the same for each stack. Since we have defined this ratio as q, it is seen 
that the over-all demineralization will be NfjNp = <x = (N/jNp)n = qn, 
where η is the number of stacks hydraulically in series. The d.c. power 
requirement for a continuous-process multistack plant under this 
idealized condition of constant q was derived by Mintz (1963) as 

The total power needed will be somewhat higher than this because of 
pumping requirements. 

b. Batch Recirculation. For a batch recirculation plant without 
mixing (Fig. 6.18) it is immediately apparent that multiple passes through 
a single stack are equivalent to passing the water to be demineralized 
through several stacks in series. If the single stack is the same size as 
each of the stacks in the series arrangement, the production rate will be 
reduced by a factor equal to the number of passes required. When the 
processes are compared on the basis of the same production rate and 
the same total membrane stack area, the average power requirements 
are identical, because it makes no difference whether the same unit of 
water is passed through one stack several times or through several 
equivalent stacks in series. However, the batch recirculation process will 
have a peak power demand at the beginning of the cycle. This situation 
arises because the power consumed is a function of the rate of salt 
removal, and to maintain the constant average desalination that was 
assumed for purposes of comparison, the initial rate of desalination must 
be high. The initial power needed to make the batch recirculation system 
produce at the same over-all rate as the continuous system is (Mintz, 

Q' = JfFP*Np(q - 1)(1 + q + q* + - + ί»" 1) , (6.92) 

where 
(6.93) 

1963) 

Qinit ~ η 
qn-iN v{q - 1), (6.94) 

where η is the number of stages. 
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The ratio of peak power to the average power required in the batch 
recirculation system without mixing (slug flow) is 

Q" jrnFJNjr-Hg - 1) 
Q' JFFv

sNp(q - 1)(1 + q + ? 2 + · · · + tf*"1) 
tig"’1 

1 + q + q2 + - +qn 
(6.95) 

The ratio of peak power to average power is important because the 
initial high-power requirement means that larger rectification units must 
be provided for use with the batch system. 

For a batch recirculation plant with mixing, the usual simplifying 
assumptions of constant voltage per cell pair βπ and constant R„Nd may 
be made. But since only one holding tank is used, the concentration of 
the brine in the holding tank changes continuously, rather than in 
discrete steps. Therefore, the variation in concentration with treated 
volume must be analyzed on a differential basis. To do this, it is con
venient to re-express the constant desalination ratio q as a fractional 
demineralization /: 

N/ - Ay q - 1 ( 

f = Ν/ =~Γ' ( 6 % ) 

Equating the salt transferred out of the holding tank to that removed 
from the product stream during electrodialysis of a differential volume, 

-VtdN =fNdV. (6.97) 

Integrating this, when any arbitrary volume V has been recirculated 
through the dialysis stack, the tank composition Ν is defined by 

N< V 

or 
N = Nfexp(=JKy 

The quantity V/Vt in Eq. (6.98) is the number of times that the initial 
volume Vt must be recirculated to reduce the original normality Nf in the 
holding tank to N. The energy cost of doing this (exclusive of pumping 
requirements) depends on how fast we try to reduce the holding-tank 
concentration from Nf to N. 

For comparison with other methods of operation, we should like to 
maintain a constant net production rateFp and a constant product quality. 
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This seems simple enough, but the most favorable operating procedure 
calls for reducing the tank concentration from Nf to qNp in a time 0 r 

and then discharging the contents of the tank through the stack in time 
θα . Since we would probably not find it worthwhile to change the 
pumping rate, this latter observation defines the recirculation because 

Fr6r = V =pVt, 

Od=Vt/Fry (6.99) 
F9 = Vtl(er + ed)=Frl(p + l), 

in which p is now to be taken as the number of passes required to bring 
the tank concentration to qNp so that one more pass will produce the 
desired product. 

W e can now calculate the average power requirement for batch 
recirculation with mixing because 

I = � t Z z = W<p + w,t ( 6, o o ) 
æØ æØ 

where ΔΝ' is the change in the normality of the circulating stream during 
any one pass through the stack. The average power required by one 
cell pair is 

-WTW,’-\C’’ d> + ’’C4i ( 6 1 0 l) 

Substituting from Eq. (6.86) for € π
9 and from Eq. (6.100) for I r , 

using Eq. (6.100) to calculate Id at the end when the holding-tank 
concentration is down to qNp , and remembering that for comparison 
purposes the area of the single stack will be ηΑπ , we find, after a great 
deal of manipulation, that 

ρ ; ν = \{p + \)FvWNv{q - 1)(1 + q + ö + ... + </*-*�).  (6.102) 

Mintz (1963) has shown that the number of passes required through a 
given stack to achieve the same demineralization that would be realized 

9 Str ict ly speaking, this is correct only if the tank volume is large compared to the total 
vo lume of the stack. 
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where η passes are made without mixing is given by the following 
relation: 

/> = ^ . ( 6 - 1 0 3 ) 

The remixing of stack effluent with brine in the holding tank increases 
the total power requirement for desalting. The ratio of the average 
power required for recirculation with mixing when operating as outlined 
above to that required for the continuous process is 

^ = A ± ± . ( 6. 1 0 4) 

The peak power requirement is also accentuated by the mixing opera
tion; it is related to the average power requirement for either the 
continuous- or the slug-flow processes by the following relation (Mintz, 
1963) : 

Qmax _ (P + lJV"1 

Q* n(l + 0 + 0* + . . . 
(6.105) 

c. Feed-and-Bleed. In the feed-and-bleed process illustrated in 
Fig. 6 .17, the rate of flow of the feed-and-bleed streams is equal and 
equivalent to the product flow rate Fp . The recirculation flow rate will 
be higher than this and may be related to the product flow rate by 

Fr = mFv . (6.106) 

The value of m and consequently of Fr may be determined for any given 
desalination range by a material balance around the recirculation pump: 

*yV, + (m - \)FPNP = mFpNr, 
(6.107) 

__Nf-Np 

m Nr — Np' 
Since the water leaving the stack in this process must be of the final 
product composition Np , the composition of the recirculated solution 
being fed to the stack Nr must be that which can be demineralized in one 
pass through the stack, i.e., 

Nr = qNp . (6.108) 

The feed-water concentration may also be related to the final product 
concentration by the number of passes which would be required in a 
continuous process: 

Nf = qnNP = ocNp . (6.109) 
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Substituting in Eq. (6.107) gives 

_ Np(q" - 1) _ iq» - U 
m ~ Np(q - 1) - ( Τ = Τ 7 · ( 6 1 1 0) 

The power requirement for the feed-and-bleed process is constant and 
it is related to the power demand for a continuous process by (Mintz, 
1963) 

Q’"  = ^ , f i nn 

Q> „ ( 1 + ί +^ + . . . + ί» - 1 ) ' V'lll> 

d. Internally Staged Stack Design. In an internally staged stack, 
Fig. 6.16, the extent of demineralization is not equivalent to that of 
multiple passes at constant i/N d because the current density is constant 
throughout the stack while the product concentration is lower in each 
successive pass. Furthermore, since the maximum i/N d will occur in 
the last pass, this pass usually serves as the basis for internally staged 
stack design. 

Applying Eq. (6.85) to the last cell pair of an internally staged stack, 

where qNp is the normality of the product stream entering the last cell 
pair. The current required to effect the change in concentration N p(q — I) 
in the last cell is given by 

/ = £ 5 ^ = J ) . (6.113) 
SI 

Substituting Eq. (6 .112) in Eq. (6 .113) gives 

, "·Μ-ρ£(4)(τΗ-') 
/ = . (6.114) 

æØ 
Since this same current flows in series through all the cells, the number 
of cells g required to achieve the over-all desalination is given by 

gI = ^ 7 1 ) J V* • (6.115) 

Here otNp = qnN p represents normality of feed water in terms of the 
final product normality and the number of passes that would be required 
in a multistack continuous process. Dividing Eq. (6 .115) by Eq. (6 .114) 
gives 

'-<-'>/(«» hm̂ xd*]-')- <6"« 
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Since i/N and WjF are usually fixed by empirically determined polariza
tion data, Eq. (6 .116) may be used to calculate the number of cell pairs 
required for a given desalination range as a function of cell length L. 

Inspection of Eq. (6 .116) shows that as the cell length decreases 
toward zero, the number of cells required approaches infinity. If the 
number of cells is set equal to 1.0, Eq. (6 .116) degenerates into Eq. (6.85) 
and defines the cell length required to achieve the desired desalination 
range in one pass. Values of L which indicate that only a fraction of a 
cell pair is required may be interpreted as meaning either that the desired 
desalination will be achieved in that fraction of the chosen path length or 
that a greater degree of desalination will be achieved than that which is 
desired. 

The total length of the desalination flow path required in an internally 
staged stack is the product of the cell length and the number of cells: 
LT = gL; and for a given cell width and gasket design, LT becomes a 
measure of the total quantity of the membrane and gasket materials 
required in the stack. However, it should be noted that although the 
number of cells necessary to achieve a given demineralization continues 
to increase with decreasing cell length, the value of LT approaches a 
finite limit, i.e., 

The power requirement for an internally staged stack cannot be compared 
directly to that of the continuous multistack process because the effective 
area per unit production rate will always be higher in the former case. 
This is due to the fact that i/N in all but the last cell is below the maxi
mum design value. The total power requirement may be calculated, 
however, by making stage-to-stage material balances and applying 
Eq. (6.89) to each cell pair. 

A . COST OPTIMIZATION 

1. Major Cost Factors 

The practical energy requirements and the technological factors 
governing process and equipment design must, ultimately, be evaluated 
together on an economic basis to provide an accurate assessment of the 
potential of electrodialysis for water-desalination applications. This may 
be accomplished in a manner similar to that for other mass or energy 

(6.117) 

VII. Process Economics 
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transport processes by dividing the various costs of water production 
into three major categories, i.e., those which are proportional to the 
amount of mass or energy transfer surface, those costs which are inversely 
proportional to the amount of mass or energy transfer surface, and those 
costs which are independent of the amount of such surface. 

For an electrodialysis process, the surface is the effective membrane 
area or that portion of the membrane through which an electrical current 
is passed by means of ionic conduction. The first proportionality factor 
will then reflect the amortized cost of the membrane itself and that of 
all the auxiliary components such as intermembrane gaskets, whose 
costs increase with membrane area. The second proportionality factor 
will then reflect the direct-current energy cost and/or the amortization 
of equipment required for its generation and distribution. The fixed 
costs include that of providing a plant site and delivering water to and 
from the desalination plant. 

2. Cost Optimization 

When it is possible to divide production costs in the above-described 
manner, the minimum cost, as stated by Kelvin's law (Grant and 
Iveson, 1960) will be obtained when the first two costs are equal. This 
may be shown mathematically by differentiating the total cost expression 
in respect to the membrane area and setting the derivative equal to zero. 
The optimum membrane area required, and consequently the optimum 
direct current electrical energy, will then be obtained, and its substitution 
in the total cost expression will give the absolute (and equal) values of 
the first two cost components. Since the cost of desalination by electro
dialysis is a function of the quantity of salt to be removed as well as the 
amount of membrane area and electrical energy used to effect its 
transport, Cowan (1960) has extended this cost minimization technique 
to show the effect of varying raw-water concentrations. The optimum 
current density obtained from his relation is only an integrated average 
value, however, and is not representative of the local point-to-point 
current densities that will prevail in an actual membrane system. 
Similarly, the optimum direct current energy requirement obtained from 
this type of treatment is not necessarily permissible from polarization 
considerations. 

3. Suboptimization Factors 

Tribus (1962) further modified the total cost equation by adding terms 
which separately define the minimum separation energy and the ratio 
of the raw-water input rate to the fresh-water production rate. Using 
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these two terms it was possible to optimize the ratio so that the sum of 
the water handling and minimum separation energy costs was minimized. 
This optimum ratio, however, is not necessarily permissible from 
solubility and scale-formation considerations. Many other suboptimiza-
tions, such as solution velocity, cell construction, and membrane 
selection, are possible and necessary to achieve a true minimum water-
production cost for a given application. When one considers the risk 
and obsolescence factors inherent in the construction of novel process 
equipment, however, minimum investment rather than minimum 
production cost may be the overriding criterion. For electrodialysis 
processes an investment cost minimum may exist for two reasons. The 
first is that maximum energy input may be limited by polarization. The 
second is that rectifier costs increase with increasing direct-current-
energy requirements, while equipment costs related to membrane area 
decrease. 

4. Differential Cost Analyses 

Another useful analysis of the economics of desalination by electro
dialysis is that presented by Lacey et al. (1962), in which the effect on 
total water-production costs of independently varying several unit costs 
was quantitatively evaluated. Lacey based his estimates on two 
10-million-gallon-per-day plants of different designs, each producing a 
500-ppm product water from a 3000-ppm raw-water feed. The unit costs 
investigated were energy cost, membrane cost, membrane life, membrane 
resistance, and water temperature. This type of analysis was equivalent 
to finding the partial derivative of total cost with respect to each of the 
variables studied. If the total cost were expressed by the following type 
of equation, for example, 

<£ = (K, + K2 + K3 + KJA + K* + K° + K" + K* +K9+ K10, 

(6.118) 

A. (6.119) 

the change in total cost with respect to Kx would be 

If this type of analysis is now combined with the cost-optimization 
technique, the partial change in optimized total cost with respect to each 
of the variables would be expressed as follows: 

(£o pt = 2 [ ( ^ + K2 + ···)(*» + K, + (6.120) 

gCppt = r ( ^ 5 + ^e + - ) l 1 / 2 , f t 1 2n 

dKx l(K1+K2 + -)\ • ( Dl l> 
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For a more rigorous analysis of the cost factors, the total cost equation 
may be further refined to give a more accurate representation of how 
these factors vary with plant size. The cost of the membranes themselves, 
for example, will vary with the amount required, and the cost of electrodes 
and stack frames will not be a truly linear function of the membrane 
area. Each cost factor should, therefore, have an exponential component 
to signify its variation with size. The effect of such variables as membrane 
resistance and water temperature may similarly be included in a total 
cost and an optimized total cost equation so that the interaction of as 
many technical factors as possible can be analyzed. 

An extensive mathematical treatment of this type would only be 
justified, however, where the various cost coefficients were known with 
some degree of accuracy and the technological factors governing plant 
operation were reasonably consistent from one application to the next. 
For small electrodialysis plants of up to a few million gallons per day, 
the use of commercially available equipment, according to the various 
processes described above, is based on the specific technical advantages 
and disadvantages outlined below rather than on over-all cost optimiza
tion. Equipment for large-scale plants of 10 mgd (million gallons 
per day) or more has yet to be designed, but technological advances in 
this field are proceeding at a rapid rate. 

B. ECONOMIC ANALYSIS OF THE PRINCIPAL ELECTRODIALYSIS PROCESSES 

1. Conventional Electrodialysis 

Based on similar cost-optimization methods and idealized costs, both 
Cowan and Tribus have shown that sea water could be demineralized 
to a 500-ppm potable water at total cost of $0.48/1000 gal. In 
the brackish-water region of about 2000 ppm, Cowan estimated 
$0.14/1000 gal and Tribus $0.12/1000 gal. These idealized estimates 
show good agreement and are especially encouraging in view of the 
infant state of the art. 

In an analysis of costs based on commercial equipment and operating 
experience, Lacey et al. (1962) revised data previously obtained by others 
according to the Office of Saline Water standard-estimating procedure 
and calculated costs of $0 .34-0 .36/1000 gal for a 10-mgd plant deminer-
alizing 3000-ppm water to the 500-ppm level. These costs represent a 
conservative estimate based on the current state of the art. Figure 6.21 
has been prepared to show both the current and the optimistic long-term 
dimineralization cost range as a function of feed-water salinity. Con
siderable variation in both actual and projected costs is still to be expected, 
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F I G . 6 . 2 1 . Estimated desalination costs. Solid line, 1 9 6 2 ; dashed line, long-range 
forecast based on: membrane at $ 0 . 5 0 / f t 2; membrane life 1 0 years ; area resistivity (each 
membrane) ~ 1 2 o h m - c m 2; power at 7 mils/kw-hr; 2 0 - y e a r plant l ife; and (see text) 
opt imum energy operation. 

both because of differences in methods of financing and variations in 
feed-water quality. The O S W demonstration plant in Webster, South 
Dakota, for example, cost $1.73/gpd, while the Ionics plant in Buckeye, 
Arizona, cost only $0.46/gpd (OSW, 1963) for a plant handling slightly 
less saline water. The Webster water was at 48°F and required pre
treatment for iron and manganese removal, however, while the Buckeye 
water was at 86°F and required no special pretreatment. The electrical 
power consumption in the Buckeye plant, on the other hand, is almost 
double that of the Webster plant. Plant capacity is also a major factor in 
in cost analysis, as evidenced by the OSW's recent estimate of $0.80/ 
1000 gal for a 2.2-mgd plant operating on Webster water. 

The cost analysis advocated by Tribus (see Chapter 2) may be 
summarized by 

C* = C V ^ - + C E * ^ - — + C**, (6.122) 
F* U*  A* 

C £ i n = 2J f ^ ) 1 / 2
 + < V , (6.123) 
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where C* is the cost in cents per kilogallon, CA* are the amortized costs 
in cents per square foot per day, i*1* is the production rate in kilogallons 
per day, C £* is the energy cost in cents per kilowatt-hour, / is the total 
electric charge required to desalt a given quantity of water of acceptable 
quality in kamp-hr/kgal, £/* is the conductance of stack per unit area in 
amp-hr/ft2-volt-day, C R * is a collection of residual costs independent 
of area in cents per kilogallon, and A* is the effective area of cell pairs 
in the plant in square feet. 

When one analyzes the costs for principal items of equipment and 
associated construction that are included in estimates of this type, it 
becomes apparent that cost allocations and suboptimization factors have 
a significant influence upon the results. For example, consider the cost 
of rectification equipment: the cost of such equipment is proportional to 
energy consumption; Cowan has made this allocation in his cost-
optimization example. The Tribus (1962) treatment, on the other hand, 
considers the inefficiency of rectification in the cost-of-available-energy 
term, but lumps all amortization costs into the cost-per-unit-conductance 
term. Even operating labor must be judiciously allocated to costs 
proportional to area and costs proportional to energy utilization. 

The relationships between specific details of plant design and the 
various suboptimizations that are possible can be illustrated by con
sidering the costs of electrodes for the stacks and the costs of buildings 
to house the stacks. Electrode cost may or may not vary with membrane 
area; if modular membrane stacks are used, the ratio of electrode area to 
membrane area will be constant, but it is also possible to add cells to a 
stack without changing the electrode area. Similarly, the building space 
required for housing the stacks does not bear any simple relationship to 
the quantity of membrane used. Stack designs in which membranes are 
mounted horizontally can, in principle, have cells added without 
increasing floor-space requirements, while stacks having vertically 
disposed membranes would require more floor space per incremental 
cell addition. The effects of incremental cost changes on one or more 
variables (Lacey et al., 1962; Tribus, 1962) are probably more important 
than the exact locations of the minima. Evans et al. (Chap. 2) have 
suggested that thermoeconomic analysis may find its greatest utility 
as a method for pinpointing those aspects of the process or design that 
are worthy of further investigation. 

2. Electrodialysis with Cation-Selective and Neutral Membranes 

Experience with conventional electrodialysis equipment has now 
shown that the major desalination costs do not reside in the energy 
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requirements but in the investment costs for equipment or the replace
ment costs for the membrane. It appears that the electrochemical 
limitations of membranes and their cost-life relationships are the 
principal obstacles to the widespread use of electrodialysis for the 
demineralization of brackish waters. 

The anion-selective membranes used in conventional systems are 
particularly troublesome. Unfortunately, many organic materials and 
other substances that may be present in natural water supplies will foul 
anion-exchange resins and, under the influence of the electrical driving 
forces that are used in electrodialysis, pronounced deterioration of the 
anion membrane may occur at a rapid rate. This can be more or less 
completely eliminated by extensive pretreatment of the water, but such 
treatments add to the cost and complexity of the equipment and its 
operation. 

One of the most interesting approaches to the problem of reducing or 
eliminating membrane variance has been the recent work with electro
dialysis systems using alternate cation-selective and neutral membranes. 
The cation-selective membranes should have the general characteristics 
already described in Section II, while the neutral membrane should 
combine low cost and adequate mechanical strength with nonselectivity 
and good electrical conductivity. 

The ineffectiveness of the neutral membrane in producing a desalting 
effect is only an apparent drawback. When a truly neutral membrane 
is used, there can be no polarization effects associated with it, and the 
portion of back emf associated with anion membranes must disappear. 
Polarization will still occur in the stack, but the effects of a moderate 
amount of polarization may now be beneficial. Because the only selective 
element in the system is the cation-permeable membrane, the dilute 
stream pH tends to rise while the pH of the concentrated stream 
decreases; this will tend to reduce scale formation in the concentrate 
compartments. The net effect of these considerations is an increase in 
the permissible current density, and since current densities are con
ventionally chosen well below the economic optimum to avoid scaling 
and other technical problems, use of the cation-neutral system should 
result in a reduction in plant cost and a better approach to the optimum 
system. 

Although the elimination of the anion exchange membrane is in itself 
a major technical advantage of the cation-neutral membrane process, a 
number of other subsidiary improvements in the over-all system appear 
to be possible; for example, first costs for the stack are decreased. In 
addition, elimination of the anion exchange membrane tends to reduce 
long-term increases in the stack resistance, and this means that the 
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voltage capabilities of the original rectifier may be chosen with only a 
nominal allowance for resistance variance. 

Further, since the system is less prone to fouling, it is no longer so 
important to avoid even minor amounts of polarization, and it appears 
that pumping rates and energy costs might be considerably lower for the 
cation-neutral process than for the conventional electrodialysis process. 

The demineralization systems, i.e., batch and continuous processes 
that can be devised for use with a cation-neutral membrane stack, are 
analogous to those for conventional electrodialysis except that extensive 
staging or recirculation may be avoided. Ideally, a membrane stack in 
which saline water could be demineralized to the desired degree in a 
single pass would be most practical and economical. If the flow rates can 
be reduced and the power levels increased to a point where this was 
feasible, the entire system could be simplified further. In view of the 
limited development of this type of system, the projected cost savings 
over conventional electrodialysis estimated by the Southern Research 
Institute (OSW, 1963) appear quite conservative. This may be due to 
the fact that the cost estimates were based on the rather small 250,000-gpd 
demonstration plant in Webster, South Dakota. 

3. Electrogravitation 

Even greater savings in materials and equipment appear to be possible 
using the electrogravitational system as illustrated in Fig. 6.5. In this 
variation of the electrogravitational system, the operating compartments 
are defined by cation-permeable membranes only. Early experiments by 
Frilette and additional data presented ky Kollsman indicate that effective 
desalination can be achieved by this technique. Kollsman (1963) has 
also shown that the symmetry of electrogravitational cell performance 
permits electrical reversal with no change in external hydraulics, i.e., 
the low-density desalted product water will always rise to the top of the 
cells while the dense concentrated solution will fall to the bottom of 
the cells. Since there are no hydraulic barriers in the electrogravitation 
system, the faraday efficiency will depend on the extent to which back-
mixing and diffusion offset the separation effect. All the advantages 
described above for the cation-neutral membrane system would apply 
here, and further structural simplification could be achieved by elimina
tion of the plate-and-frame filter-press construction technique. 

Commercial systems similar to those used in electrodecantation 
processes might be applicable for desalination. Stamberger (1950), 
Murphy et al. (1943), and Poison (1957) have described apparatus of 
this type. One of the more significant features of the electrogravitational 
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process in regard to the membrane properties is the reduction of physical 
strength requirements. Since the solution separation is achieved by 
convective flow rather than forced flow, a membrane does not even have 
to be a continuous hydraulically impermeable surface. A break or a tear 
in a membrane, for example, would reduce faraday efficiency only to 
the extent that current passed through the solution rather than through 
the membrane. Pumping-energy requirements for an electrogravitational 
system appear to be virtually nil, i.e., limited to nominal pipe-line losses, 
but the direct-current electrical energy requirements may be high, as 
a result of the relatively thick boundary layers which develop by natural 
convection. Unfortunately, so little has been published on the electro
gravitational system that at present it is only possible to speculate on its 
probable economic merits. 
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L I S T OF 

A Area of single cell pair, c m 2 

A* Effective area of cell pairs in the 
plant, f t 2 

a A n empirical constant dependent 
on cell thickness 

a Act iv i ty 
a Act iv i ty in membrane phase 
« CflC9 

â c,ic. 
C Concentration, mole/liter 
C * Cost cents/1000 gal. 
Cr* Residual costs, independent of 

area and energy, cents/1000 gal. 
C J J * Energy cost, cents/kw-hr 
CA*  Amort ized cost, cents/ft2-day 
c Concentration, mole/cc 
<£ Total cost, cents/1000gal of product 
D Diffusion coefficient, cm/sec 
d Derivative 
djdx Partial derivative 
¸ Difference 

SYMBOLS 

δ Boundary- layer thickness, cm 
V Gradient operator 
V· Divergence operator 
¯ Potential difference (emf), volts 
e Potential difference per electro

dialysis cell, volts 
ç Efficiency 
F * Production rate, 1 0 0 0 gal/day 
F F low rate, cm3/sec (~gal/hr) 
/ Fractional demineralization per 

pass 
F Faraday's constant, 9 6 , 5 0 0 ampsec 
g Number of cells required in intern

ally staged stack to achieve desired 
demineralization 

γ Act iv i ty coefficient 
/ Current , amp 
i Electric current density, mamp/ 

c m 2 (^amp/f t 2) 
J Particle current density, moles/cm2-

sec 
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/ Total electric charge required per 
unit quantity of product water, 
1 0 0 0 amp/1000 gal 

JT Constant defined by Eq. (6.93) 
˚ General constant used as defined 

in text 
k Faradays passed through diluate 

per kilogram of solvent in original 
feed stream 

L Cell length, cm 
In Natural log 

Phenomenological coefficient 
¸ Equivalent conductivity (mho/cm)/ 

(equivalents/cm3) 
λ Dialysis cell spacing, cm 
Ì  Specific mechanical permeability, 

(cm3/cm2-sec)/(watt-sec/cm4) 
m Molality, mole/kg solvent 
m Mult iple of product flow rate 

required for feed- and -bleed 
process 

ì  Chemical potential 
ì*  Total chemical potential including 

effects of charge, gravitational 
field, etc. 

˝  Normality, equivalents/liter 
N’  Pr imed quantities to designate 

reference to single stage or pass in 
compete electroldialysis system 

ç Number : of membranes, or of 
stages, etc., as appropriate to text 
and equation 

ç Equivalents/mole 
ω Electrical resistivity, ohm-cm 
Ñ Pressure, watt-sec/cc 
p N u m b e r of t imes holding tank 

recirculated 
ö Electrical potential, volts 
ö Permselectivity of ion exchange 

membrane 
Q Heat flow, joule/cm2 

Q Power, watts 
Q’,Q", 

Q’"  Power requirements for contin
uous, batch, and feed-and-bleed 
processes 

q N/IN,’ 
R Resistance, ohms 
& Gas constant, 8 .315 joule/mole-°C 
.S Entropy, cal/°C 

s Salt-transfer rate, equivalents/sec 
Ó S u m 
ó Electrical conductivity, mho/cm 
Ô Absolute temperature, ° K 
τ Transpor t number of ions in solu

tion 
τ Transpor t number of ion in 

membrane 
t Temperature , °C 
τ Transference number of ion in 

solution, moie/J5" 
f Transference number of ion in 

membrane, mole/J^ 
TW' Transference number of water, 

mole/mole of salt t ransported 
Ł T ime, sec 
U Theoretical energy required per 

unit of product, kw-hr/1000 gal. 
U’  Actual energy consumed per unit 

of product watt-sec/liter 
U"  Actual energy consumed per unit 

of product, kw-hr/1000 gal 
C7* Conductance of stack per unit 

area, kamp-hr/ft 2-vol t -day 
proportional to çÉÉð̄) 

u Mobil i ty , cm2/volt-sec 
V Vo lume, c m 3 

ν Velocity, cm/sec 
í  Partial molar volume, cm3/mole 
W Cell width, cm 
X Dimensionless distance 
Xi General ized force, watt-sec/cm-

mole 
î  Utilization factor 
î\  i" Referring specifically to utilization 

factors for systems which contain 
membranes of one kind, or both 
anion and cation 

æ Valence including algebraic sign 
ζ Concentration ratio across a m e m 

brane, Cr/C" 

Subscripts 

Letters and symbols below indicate that 
principal character pertains to : 

A Uni t area 
a Anion 
b Membrane—solution boundary 
C Concentration 
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d 
¯ 

c Concentrate or cation, as appro- - f , —, 
priate ± 
Diluate, di lute' 

± Cation, anion, or mean value as 
conventionally used 
Pair 
Product 
Polarization 
Resistance 
Fixed ion in resin or recirculation 
depending on context 
Selectivity 
Total or at constant temperature, 
as appropriate 

e 
Energy ôô 
Electrode p 
Faradaic, Faraday ö 

f Feed R 
Manifold r 
Current 

m 
I  Cur rent 

/,  ÷ General indices, arbitrary ions, Ô 
parts, etc. 

i Initial, as appropriate t 
0 Membrane-so lut ion interface ν 
ω Specific resistance w 

Tank 
Velocity 
W a t e r 
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